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As menticned in chapter I, synthetic ammonia (NH,;} has
become the principal source of all nitrogen fertilizers,
particularly since 1945. At present, over 95% of all
commercial fertilizer nitrogen is supplied by or derived
from synthetic N4.: only minor percentages are supplied by
natural =cdium nritrate, byprcduct NHy from coke-oven gas
{(usually recovered as ammonium sulfate), calcium cynamide

and other minor sources.The rest of the ammonia procuced
finds its use in the production of resins and animal feed
Jolyamides, polyacryionitrile,industrial explosives and cdye
stuffs. The ammonia synthesis process was developed mainly
by Fritz HKaber starting in 1904, and by 1903 he
demcnetrated the process on a laboratory scale of 80 g of
NHy per hour(1). Carrying out the high-temperature, high
pressdre process on a commercial scale presented formidable
probisms with the techno1ogy and materials of construction

- - =

then zvailable., IZ&-1 Bosh, working with Haber, is gener-z 7y
cred“ted with deveicping the process-first in a pilot piznt
and “hern on a commercial scaie of 20 tpd. Producticn

startad in 1913 at Tppau,Germany.

The chemistry cf the process is simple; the reaction is:

Slal) + N: ------ \ZN";S
Tne react-ocn s 2vothermic; the net nreat of reactior is
abouyt 71,320 cal/g-mole at 13 C (€27 Kcal/kg <f NH3),
zssuming N=a~ is ‘2 *he czaseous state. The net hezt ~z"=zz:=2
Dy ke readticn Ccreeses with increasing temperaturs and
m&y be *2%-20% higner at the usual operating conditions of
420 - 500 °C.

TABLE 1. PERCENTAGE OF AMONIA AT EQUILIBRIMN FROW 4 3:1 MOLAR NIXTURZ OF NYDROGEE AND NITROCHN ¢

Pressure, ats
Tesperature, *C 10 30 50 100 _300 0 1,000
200 50.66 61.56 7.38 81.34 8.% 95.37 .29
250 28.3% 47.22 $6.3) 67.24 8.3 .66 %.17
300 1%.73 30.25 2.4 $2.04 70.9% 5%.2) 92.55
150 7.48 17.78 5.0 371.38 $9.12 75.62 87.46
400 3.8 1015 15.27 28.12 i7.00 .20 79.82
450 PRI 5.86 .15 16.43 .82 3. 0.6
$00 1.2 3.49 $.% 10.61 26.44 42.18 57.47
550 0.2 2.18 3.48 6.82 19.13 3.63 4116
600 0.49 1.3 2.2 4.52 13.17 .10 31.43
650 0.3 0.9 1.93 .n .. 16.02 20.70
700 0.3 0.68 1.0 2.18 .28 12.60 12.87

Source: Frem A. T. Larses snd R. . Dodge (1923). Jowrmal of the American Chemical Seciety, 45:2918; and
AT, Larsen, Ibid. (1920), &:41-72. - ) o




The reacticy does not go to completion; equilibrium
conditions are such that increase in pressure favors high
conversion to ammonia, while increased temperature
decreases conversion as shown in table 1(2). Thus it 1is
possible to obtain about 90% conversion at 300 atm and 200°
C. However, at the same pressure but at 700 "C, equilibrium
conversion 1is only 7.3%. At a constant temperature of
450°C, conversion increases from 2.1% at 10 atm to 35.8% at
300 atm and 69.7% at 1,000 atm. _ However, the rate of
reaction is very slow at 200 C and increases with
temperature, thus, a compromise must be selected between
reaction rate and equilibrium values. The search for a
catalyst to increase the reaction rate has received much
attention both by Haber and subsequent 1investigators.
Haber's first studies were made witn an iron catalyst, which
was not very active. Later, he found that osmium or uranium
was much more effective, but these elements were scarce and
expensive. Still later (about 13911) it was found that
certain impurities increased the activity of an iron
catalyst. After severai thousand Tarmulas had been tested,
a2 doubly prcmoted iron catatrst wzs selected that was
sreduced from wagnetite (Fe305) wits acditions of potassium,
zlumina, and calcium. {The magnetiie is -educed to metaliic
iron by the hydrcgen ZJuring =<he czperation.) This tyre cf

cataiyst 1s 3til’ the standard mater'al in present use wit
some refinements with promoters. & fundamzntally different
Tow temperaturs synthesis cata yst wiaich consist of
ruthenium depesited on an active carbon supcort, prcecmoted by
barium, and z'-~a’‘’ meta’ preterzbiy Zesium has Gteen
deveioped. Triz zztalyst i3 Claimed to e 7 to Z% timss
mere  active ther “he  conrnvantioaral Irronta syntresis
catalyst., Th s ~atal,;z% 2a7%zwz 2 s_z222¢3fF. 2ieratinon o tra
zrce ¢f Z27-277 0T a2 At & pressare ofF TT-1I0 atmespree,
Tris type o©F Lztzlyzt ‘s ncw seirg used Ty Kellogg anc

Even with the ba2st catalysts avaiilable, the reaction rate is
a limiting factor, anc compromise must be reached between
Tong retention time which would require a large, expensive
converter and conversion efficiercy. the usual compromise
resu’ts in a conversion ecuivalent *n “T0%-80% of
equilibrium. Since 23uilibrium Jnder  usuz) operating
conditicns may zorrespond to 23%-334 zervarsicn,the actual
nay be 17%-23%, ‘or ewample,

In ord2r to incrove coanversicn, Faber ¢risiratec the <onzept
cf othe amronia synthiesis lcop, ‘n which the gas Teavitg the
corvarter ‘3 Laxlag to conlerse most of tre ammonia zs 2
Tigaid anich i3 rzmovecd from the gas. Tren the rera’~ " ng
32% Tunreastec Y. oand H,) is -raerzited ad retured L 4vs
$,nhess 2. tro o w itk frash s.rtbesis gac, e zn':iz
cecgnized that rulh of the coctirg couTld Le Zove Ty Fezt
2« aCe botwe= e 1001 ga&s =ntering trte cinvertes and
the “ct gas Te=aving it
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Thus, the basic principles of the ammonia synthesis process
were well known to Haber and his co-workers and serve as the
basis of the modern ammonia production industry.

Data from the Haber Bosch work did not become available
outside Germany or outside their company (BASF) for many
years because of company secrecy and the 1914-18 war. A
Haber process plant built during the war at Sheffield,
Alabama, U.S.A., by U.S. Army Ordnance was based on
information obtained by U.S. Intelligence. However , the
information on the ammonia synthesis catalyst was not
complete, and the plant did not operate (3). After the war,
the U.S. Government established the Fixed Nitrogen Research
Laboratory to develop the necessary technology, and in 1921
the first synthetic ammcnia plant was buiit in the United
States by the Atmospheric Nitrogen Corp., Now Allied
Chemical Co. By 1932 there were 10 ammcnia plants in the
United States with a total design capacity of 287,000 tons
of N per year.

Zuring the ear’ly years oF wWorid War II, tne U.3. Zoverrment
realized that, if the United States became involved in the
war, its fixed nitrogen supply would be inadsguite to mest
the demand for munitions. As a result, 10 more plants were
ouilt with a total N capacity of 595,000 tpy. During the
late years of the war and the years following, the output of
these plants was diverted to Tertilizer, primarily ammonium
nitrate. The demand for fertilizer increased rapidly, and by
13955 there were 53 pnlants ‘n *the United States with an

=stimated annual capzaity zf 2.¢& million tens of . valisr
improvements i1 avmronta goo3ducttion teckrdlong, ware () the
w3z of ratural gaxs or raphtnz 25 feedstocr in o the Tzte CTiTs
and 1930s and (2) =“ne Zevalapmsnt of centr’f.ga’ compressc-s
in the 1960s. Tnese deve'opments, n combinztion w'in
increased scale, progressive’y lowered *the cost of armcnia
and o¢f nitrogen fertilizer. In 1974 wor?’ croduction
capacity was estimated at 2.5 million Zons, n 1991, the

worid capacity had increased to 112.3 miliion metric ton and
forecast capacity after 19%6 1is 137.202 mitlion me%ric tcrs
of N.(38)

Most ¢f the plants Euilt before °345 wera bzszd ¢1 cor=., In
the origina)l Haber process cohke was used 11 a4 water-gas
cenerator which oparated in a cycle c¢cf "bizw” and “"rara”.
In the blow cycle the cere was burned wityr air unti® ths
temperature of the cote was increased %o za :. %e2’e Tave’
{above 1260 *C). Trer tve 2ir wzs turneld oFF z20d z3%2a7 vzs
Stown thrcougn the ot covae bed forrirg 22 znd =, oz, L2

water-gas reaction:




The reaction is endothermic and gquickly cools the coke bed
to the point that it must be reheated by another blow
cycle.The "make” gas typically contained 50% H,, 40% CO, 5%
'N2, and 5% coz. To provide the necessary nitrogen separate
gas producers which also used coke were blown continuously
with air to obtain producer gas containing 62% N,, 32% CO,
4% Hyp, and 2% CO,. The two gases were collected separately
in gas holders and mixed in the proper proportions to give
an Nj: Hp ratio of 1:23 in the final synthesis gas. As an
alternative, the gas producer could be blown continuousiy
with a mixture of oxygen-enriched air and steam to produce
gas of the desired composition. In some later plants, such
as the TVA plant built in 1942, a semi water gas process was
u4sed in which the "make” gas was partialily oxidized with
secondary air thus obviating the need for separate air-blown
gas producers. In this case the "make"” gas contained 36.3%
Fz, 21.8% N,, 36.2% CO, and 5.5% CO,. The nitrogen content
couid be adjusted to that stoichiometrically required by
adding some of the blow gas. Zxtensive cieanirg of the gas
was required to remove dust, sulfur, and other impurities.
e gas was ccmpressed in several stages with purification
steps in betweern. The first step was the "shift reaction”
c® conversion of CTO and steam to Hy, and CO,.

CO + Hp0---=> H, + CO,

The next step was £0, removal at about 25 atm by water
scrubbing. A third step was removal c¢f residual 0 =ty
scrubbing with “"copper liguor”™ (copper acetatzs ard formatie
solution) typicaily at abOJ
the ammonia synthes’s step
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cependirg on the proc-ss.

The total energy corsumed by the ccre-basad process for
fuel, feedstock, and mechanical energy was 88 Gj per ton of
NHq as compared with about 27-30 GJ/ton for modern natural
gas plant. The Tabour requirement was about 1800 men versus
S0 for the modern plant.a.

Jdicect use ¢® ccal or lignite as feadstock w~as 223un
2ary as 1926 using the Winkler gasifier. Part’al axidation
of neavy fuel 271 was deveiopad, ancd steam raformin
natural gas anc T°ght rydrocarbons was used commer-.af?y in

1340 but ¢4 ot :eccme ooputas urtil the 12873, A
presert, stzam -eformin of ~aturzi gas a~3d napnthza is
z3timated wo z27040% For :ve' 2% 2F ail ammona precuction,

Tome Lihzr Tesdiluzis culr z: 1rguefied petrotaum gas (LRS!
z¢C refirter, 2 7 gaz ar: ftreated by stszr reforoming;
L oecefore, the tital o Atacnia prufuection by this metrncd may
Leo23 omuezA oa: I, Tre gezat majority ©f 2w ammontia ptints
that ace glarne’ o0 :ra Lnger, Loastruction will use natural
3ae; *therefire |, ke short-tzqom trernd wiill be t“oward 3reater
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use of this feedstock.Natural Gas supplies are higher now
than ever before. China and to some extent India are the
only countries using other than natural gas for ammonia

The technological improvements mentioned above and other
improvements too numerous to mention, coupled with increase
in scale, have resulted in a steady decline in ammonia
production cost from over $200 ton in 1940 to about $30/ton
in 1972. After 1972 the trend was reversed and costs have
risen, mainly because of increased cost of feedstocks and a
sharp increase in plant construction cost. The increased
construction cost was caused primarily by increased material
and labor costs and partly by more complicated heat and
energy recovery equipment which became necessary to conserve
expensive fuel. More stringent pollution control
regulations also were a factor.

B8efore the change in the energy prices in 1973, the erergy
efficiency of ammonia plant was not considered very
important after the energy crises, tnz fu2l prices have
increased to a much higher leve’. Fc¢r zxample in the united
states in 1363s &3% of ammcnia s-oluciicn cust were capitzal
related now 70% is <the gas cost 2aion2, the proporticn is
even greater is Z.rOpe. Thus *h2 tschrnoicgical improveman*
wiiich occurred from eariy 373 until +today emphasized
creat’y on improvirg the existi~g converticaal processes to
cbtain a better eff ciency. Today’s ammoniz plants claim to
consume energy betweer the rance of Z7-3C GJ/ton . Minor
econcmics which ~ere 3ossiblie by increase in the scale above
iC00-1220 a'so triad., In CTznadz, 32rmany, Wssta
and %A, pi ~ated zapaz’*y adu.e €50 Lpd are in
operation. v ava“TabTe for 2400 tod stants DUt

- et -

Further techknn’a¢ cal imgroverants are =2xpected, but rone
are foreseen of such a magnitude as %o raverse the present
Jupwarcd cost trend dJdue to rising fuel, feedstock, and
construccion costs.may be in future one 2{0C tpd zoo mid NH o
plant becomes mor2 economical than two 1000 mtd plants.

Steam Reforming Processes

Ihermochemical DRata

Since steam ra2forming processes account for ovar 7% of the
world's ammenia oroducticn, *“his type 2f przzess wi'l fe
described in more detail than the cCthars, Tigure ‘ a
5lock fiow chart of +<he steam-refcrri-~g Drocazs uging
natural cas as feed 3%*5ii It Svoms tva princiga’ svamizz”
reaztions a~d typci’  pressare  iz.el: Tae  c.2rz’’
zpprevimate remiczal ceaition mzy D2 owooties

7oy +10FAQ0 + N =1T5-=--- “ENHz - 720,




FLON CHART OF AMMONIA_SYATHESIS

(STEAN REFORNIZS OF ATHMAL G43)
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Jsing the standard n=2ats of formation, tre *

overa:i reaztiorn may De calculated as follciis:

kcal, Total

for Above

Reactants kcal/g wole Equation

Chy(g) -17.89 x7 = -125.23

H,9(1) -68.32 x 10 = -683.20

Na(g) 0 0
0,(g) o 0
Total reactants -808.43
Products

NHy(1) -16.06 x 16 -259.96

C0,(g) -94.05 x 7 -658.35

Total products -918.31

Net heat of reaction -109.88
Thus, the C.era’ll re :- o4
abou*t 10 r¥-a'® for =h "3 00
tha 'jguid state o Ee::i
stzt2, E'ncae the rzzctior £=z272
3 27 amnoniz, he net hezt 2 o £ STIwn L
tz about &2, 00C wlav/tor of tiguid atmot i o NI el
Loat/ton of gasedus avmlnia, AT fUost oSt oslget, Y - Co. EEET
zievtrary ts the generza’ Lorcect on That o avrmoozo L LLITTLr
LLrsumes 3 % emendo s Anluct f teat, T ‘ Ef: P
arsu~t [ 7 g-v 3728} (F TR oper2 Dornec Lo LS
1,242 kzat L=V oweolTl bLa relzzzel oI T L tl
. - FEE I Y mm Ve om £ PR _: :..;-'
azout = 7 - ney-1 AR T B .- 200wT < 2 - :
progucticon 2™ atmmonta 2OoNsLMmMes 2rargy N a2z -

©@ O 00 0 99 00000090 900 Vv OOV OOOSOECGEOOVIEOGSAWNETS®OTO®SEOEES TS OT




%.O..OOOOQOOOOOOOOQGQ......O...O....‘...i

uses as feedstock a material that could other-wise be used
as fuel.

The various steps of ammonia production are carried cut at

different temperature levels ranging from O to 12090 °C;
thus, fuel must be used to heat the reactants. While much
of the heat is recovered, substantial portion is lost. As a
result, natural gas based conventional ammonia plants with
the most efficient heat recovery systems require about 8.6
millicn kcal (36 GJ) for fuel and feedstuock (6}. This
requirement is based on the low heating value (LKV) of
methane, which dces not include the heat of ccndensaticn of
water vapor that is formed in the combustion of methans., In
addition, a substantial amount of electrical erargy is
reguired (2C-50 kWH/ton) even though most of the mechanical
energy 1is suppiied by turbires driven by steam <trat is
generated by theat recovery in the process. Today’'s ammonia
plant is said to be a state of art optimized plant which
inciudes a number of energy optimization steps. The total
=ﬂeroy censumption of a today's ammonia piart is zround

.92-7.2mkcal Or 23-30 GJ/ton cf ammonia which includas the
recnanlcd. poves aisc.vable Z srown typical tempe-ature
“evels in tha steps of NHg production by steam referm®-g of

ratural gas, *he main reaction cccurring in =2ach 3tz2. and
tvie standard *heats of the reactions. It wi™? be noctel Lhal
all the reactions are exothermic except “he stzam refo-ming
of methzanes,
Tebje-z, <Chemical =zactions, Temperatures, zrd Feat  of
Reactxsw ‘n Sroductiocn ¢f immonia from Methane
Typical ale,

Step Reaction Temp., °C kJ[I--olz
Steam u(onnn.h Cllg + H)O = CO + 3H, 790-820 +206.2
Secendary relornin.b'c CHy ¢ 1/205 » (2N3) = CO + 2H; ¢ (2Ny) 900-1200 -35.6
Shift resction CO + H0 = CO; + My 200-450 -91.8
Carbon dioxide removal (Physical separation) 70-105 -

. CO + My = Oy + Hy . -206.2
Methonation €Oy + &Hy = CHy *+ 2K30 250-430 -165.0
Amwonia syathesis My » Ny = 2N, . 300-500 -91.8
Ammonis condensation ' l“;('.‘, 2 ln,(liq“id) 30 to -30 -21.0

a. Heat of reaction taken from refercnce (1); ¢ sign indicates heat absorbed; - sign indicates heat released.
convert to kcal, multiply by 0.239.

To

b. For simplicity, a single reaction is shown for the refocmer step which represents the predominant net reaction.

Hovever, the chemistry is much more complex. In particuler, 2 significant amount of CO; is formed in these
steps.
c. Completion of rcaction 1 also takes place in secondary reforming.
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comprises a large proportion of the ammonia plant cost.
Eeedstocks for Steam-Reforming Process

Natural Gas: As mentioned previously, natural gas 1s the
principal feedstock for ammonia production; it currently
accounts for over 75% of the world’'s ammonia production (6).
Natural gas is <classified as “associated” or non-
associated”. Associated gas occurs with crude oil, it is
liberated from the oil when the pressure is released in the
oil-gas separator plant. Its composition varies with the
prassure at which the separator is onerated. Since methane
is the most volatile, it can be released at a relatively
high pressure, a sesaration can be made in which methane is
released first znd the less volatile gases, ethane, butane,
and propane, are coilected separately.

Th2 higher nydrocarbons usually have a higher value for
petrochemical production or for sale as ligquified petrcleum
gas (LP3) than methans. Tharsfore, in most cases, these
prcducts are s9°.¢ separatelf and k2 term "nztural gzs
w3ually refa-s "5 the fractic : EY

with snTy trvail :ercentages

hydrocarbona Sor us2 &S Emm

praferzb’e %2 the *igher Fydroc

the fe2dstcoch s convertel -0

whnich nmust be ra2miyed Trowm LY

Tnerefore, tre lower The cCar

feedsticchn, Lne snzl’e”s za3d Tess

utits r ;be 2y "tves’t gas prega

Tooaremsea-Lren 12w Too2s, whers 00 17 tve zmwoniz T: 324

. PR , & st 2T TTe Tartlizo frorm 2o ar s

Fezadatoliles rr, Lt e s Yl art Tor the L2z oplant nsscs

Ce2a r2gutwx 3 2304 NHe 7zt -fF T2 v 2reas, the profocticon

of ammoniz T, refor '*3 c.re r2inane produces a T Neoa

ratio of 7:7% zzcerZicg “c the zpprorimate equation given

eariizsr, I+ *rhis case it wcu"d be advarntageocus 1f the

natura’l cas <ontaired enough higher nydrocarbons to sugpiy

encugr TTs fI- wurea prodfoction. This is often trhe case as
- £

shcwrn 0y thez =xample o
tzble-2,

raturz? gas compIsition given in

TABLE 3. COMPUSITION OF TYPICAL NATURAL GAS

% by Volume
As Delivered
Constituent At Well-Head by Pipeline
CH, 75.9 93.3
Na 2.0
Argon 0.4
Coq 7.3 0.01
H,S 8.9 <5 ppm
Hydrocarbone
Cale 3.3 3.3
CaHg 1.2 0.9
Celyo 0.3 0.2
g,H,, 0.5 0.01
shiee 2.3
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Table-4. Composition and Properties of typica! Naphtha.

! Constituent or Property Averasge Value
Specific gravity at 15.5°C 0.676
Initial boiling poimt, °C 41
Final boiling point, °C 131
Unsaturates, % (volume) 1
Aromatics, % (volume) 4
Saturates, % (volume) 95
Total sulfur as (ppm by wt) 368

HoS 2
RSH 146
R2S. 19
R,S 80
S 1
Unreactive S 20
c, % 84.4
H, % 15.7
Hol wt 88
Reating value, kcal kg 10,500

Snce 1974 rzs
i3er mere - g o7
“he demand ¥ ctor
fuel  and g=c )
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of the catalyst composition,

Refinery Gases: Petroleum refinerie and pstrochemica’
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In the production of ethylene (by cracking naphtha), a
byproduct gas stream containing mainly methane and hydrogen
is produced. Severzal other petrochemical processes produce
byproduct gases that are usable as ammonia feedstocx either
by steam reforming or cryogenic separation of hydrogen.

Gnly a few ammonia plants in Europe and Japan use refinery
tail gas.

Coke-Oven Gas--Coke--oven gas contains about £5% : 253
CHy;, 8% CO, 5% N,, plus minor amounts of k gher
hydrocarbons, CO,, and various impuriti=s. Presumadly, ‘t
could be usaed for ammoria production by steam reforming
efter purification, but the usual practice is to separate
the nydrogen by a cryogenic process invoiving a Tiguid
nitrogen wash. Many steel producing plants have an air
separation unit to supply oxygen for use in  steel
orocuction, thus the Tigquid nitrcgen is available frem this
source. The cCryogenic process procduces a nitrcgen-hycrcgen

3z misture sutable for ammoniaz  synthestis, and the
ramzicoong gas pi.ture of 20, TH., and reaster hydrolasoons
3 wsed 3s TusT. The mein drawdacs is similar to that of
refinery tai? gas, the amount of coke-cven gas depencds on
ccke procducticn wrwbh in turn, depends or stesl productiin,
ZnTy a Tew ptants .se coke-oven gas for fesdstock.
Zhina stil1 zra2duces much azmmonia from cohe oven jas. Zhexs
reforming {(Primary plius secondary) <r csyger enriched z2i-
12Cordary reformiag ars Loih reascrad’e 2T:orates To Tz
TTyngent o systen
Heavy Oil--Lig.il Yylriocarso 3 mes,isrs Lar ozzhtha ars o2l
for ammenia T2edstoclt By partizl oxifaticn orocesses bt L
will Dbe discussed ‘n a later s2cticn of this Zhapter.
.Howevar, ther2 nhas bYeen sope interzsst in applying tha
steam- rafor ming preccess, and Tc¢;6 =Zngineering Corp. has
raported succassful developmant on a pilot plant sca‘e (173}
tt2 successful operation of the Pilot plart was repcrtez
wien using criude oi1 from several sources or neavy residual
7 7.by Tcyo Zngineering Corporat’cn LittTe detzl s
avaijabie about the process, but it fonIiies Lvse Uf twe
nawly develcped cata’ysts in tke primar, and seconcary
reformer, =o‘h cataiysts are ur*aFff-c_.. by s fur The
primary r2fortar catalyst s f ’ tre
nelhane remaﬁﬁung ‘n the gas Fr Tre
z&s from whe refermers 3ti11 Co
H-3) that was present in the f
e removed oz subsaquent pur
cewidation pro.2sses Sotentia
ZoMar:d with sartial o i
irvestment cost (an air sspar

ard ‘ower ene- gy consumption.
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Other Feedstocks--Methanol or ethanol can be usaed as
feedstock in steam reforming processes, but no commercial
use has been reported. Other feedstocks such as
electroiytic hydrogen, coal, ancd fu21 2i1 will be ciscussed
separately under applicable prccess headings. Total ammonia
msroduction through other sources are around 2.4%.

Eeedstock prices-- Prices of feedstocks are often contrclied
b) govarrmenrts. The price of crude o0il on the weorld markat
‘s ccntrolled by the Organization of Petroleum Exporting
Countries (OPEC). and tre world market price of cruce sil
carivatives such as naphtha is indirectly contrclled by the
orices of crude oil. The comestic prices of crude cil =znd
*3phtka in oil-producing couniries are cfter conirclled oy
“he governmenis at a iower ‘evel than world marxet prices.
Zvan in oil-importing countries, governments may exercise
control  of fzedstocks such as naphtha by subsidizing
r=¥inery operations.

ztura’ za3 prices  var. largely dependinz upon the cuzlity,
LTat3p0c L Sh3tarce ano.nt and patterr of use. Gengraliy
s ants zre locatad in the gas-progducing areas as tie gas
tozosoirotzticn costs are gererally much higher comparing Lo
e fh-lzred  fartilizer transportation cost.Naturadl  3as
ot e United States as of July, 12372 wer= zZonirclisd
at wm of $1.42/ 1,002 £¢3 (350.52/1,000 m3). This was
“hne “or zas from new sources cejivered o an
int »ipelins Tre price of c¢as 2xTivered to
tus 2 “ntersizta pipeline was a“sc contrclited and
v ar sending 2 The M. T Teld" and ew”  gas,
i atance, ZvLort oand p?tterﬂ of  4se, and whether
Ll - L fa Y o nterroplint2” 3as. E-1s
£ wzs subjec: %2 -era1xie.t wnen the suppily was
Ton ate. Tre interstate nrice control was Tiftzg
Tef 0.7he result was rise -n price to as much as

$2.00/43TU and then exploration throcugn deepar w2l's
produced much more gas which lowered the price . The price
is now approaching $1,00/MMBTU,

Natural gas prices in some European gas preoducing <ouniries
may 2e $3.83/1,000 fta. ($23/ ‘ COO ma ). Srices in sore
‘ave’oping bOJnvries trat have amp e suppiies of natura” ¢as
repor.edly rarge from §$3.20 to $0.€3/:,000 fi5 [35.82-
°‘:.3:/1 000 m-) deperding on cecst GF cctection  and
~r1F.ca*1cn, Tength of sige’‘re trarspart, anrd Qcver ment
pOT L. .
Heay s Tuel ol ia o7
s:*an:t 20w Lrude o0
ue la e af vrghesLtfur
nalt o zvpeniise plT Tl
'3; an gas g ices rag
nive bHzen unrelizbte Cao
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The price of coal varies widely depending on its quality,
cost of mining, and transport cost.

i : In nearly all ammonia plants the
same material is used as both feedstock and fuel. The fuel
requirements may be 40% of the total or :more, depending on
the extent to which heat recovery equipment is utilized. 1In
previous years when fuel was inexpensive, many ammonia
plants were built with minimum heat recovery facilities.
Buivadas, et al., give an example of how the fuel
requirement (natural gas) was decreased by 34% through more
efficient energy use, mainly high-pressure steam generation
and preheating combustion air to the reformers (13). The
decrease in total fuel plus feedstock requirement was about
15%. The increase in fuel efficiercy was obtained at the
expense of about 6% increase in plant investment cost.

Thermal efficiency has become a key parameter in comparing
(and marketing) bnrocesses, possibly achieving exaggerated
importance in some instances. However, thermal efficiency
is an important concept, despite its pnublicity emphasis.
Unfortunately, its definition is not standardized between
various operators, designers, and process licensors. What
appears to be the most common definitions for the purposes
of this study,has been set out in the following table.

DEFINITION OF THERMAL INPUT AND CREDITS FOR AMMONIA PLANTS
Heat value of input and output per metric ton of ammonia
Input or out out Definition of thermal value

Seed and fuel Lower (net) calorific (heating) values

(LHV) based on combustion starting and
ending at 20 DEG.C with product water as

vapor.
Electric power Thermal value (LHV basis) of fuel
required-
required at modern power station,
assuming -
34% overall efficiency (i.e. 10,586 KJ/
kwh, 10,040 Btu/kwh
Steam table values (i.e. enthalpy

excess over liquid water at 0 deg.C)

The above table is based on published estimates of thermal
efficiencies ( i.e net energy consumotions as defined above
and allowing for power 1import and steam export) for the
maior feeds*tocks. Also included are indicative estimates of
battery limits capital costs U.S. Gulf Coast, orepared sites
with good access and load bearing characteristics, 1990
basis) for 1,000 metric ton per day ammonia production

14




capacity plants, except anthracite-based plants. It is
assumed in all cases that the ammonia is produced as liquid
at 33 deg.C and atmospheric pressure.

COST AND THERMAL EFFICIENCIES OF AMMONIA PLANTS
Based on various feedstocks

Feedstock and process BLCC(1) Overall Thermal
route (modern design) Mill $ Efficiency
Gcal/t GJ/T
NH NH
3 3
Anthracite or coke(Z),
cyclic gasifier 13.32 55.7
Coal, partial oxidation 200 10.33 43,2
Fuel o0il1, partial
oxidation 150 9.70 40.6
Naphtha steam reforming(3) 115 7.65 32.0

Natural gas, steam
reforming - 8.70 36.4

(1) Battery limits capital costs
(2} These cyclic processes are obsolete, except in China
(3) This performance refers to 1970s technology.

A theoretical minimum possible feed energy consumption for
the entire process 1is not easily defined. One simple
approach is to imagine an ideal (exothermic) overall
reaction . with no recoverv losses or curce losses, which
reacts methane, air, and steam to give ammonia, carbon
dioxide , and argon as products at for instance, 400 deg.C.
This could be written in kg mol.

25.956CH, + 29.358N2 + 7.87502 +0.351 Ar +0.013C0,+36.166H50
------- >> 58.716NH3 + 25.969C0, + 0.351 Ar+2.2 Gdaton NH,

The corresponding thermal value (LHV) of natural gas feed is
20.8 GJ/ton ammonia, 4.97 Gcal/ton ammonia. If the
exothermic overall heat of reaction can be credited, this
leaves 18.6 GJ/Ton ammonia. 4.45 Gcal/ton ammonia, as the
theoretical absolute minimum. The literature reports various
values, without always detailing the calculation basis.
Lavers(6) gives 17.4 GJ/ton theoretical minimum, 22.8 GJ/ton
as a practical minimum Dybkjaer(7) suggests minimum orocess
feedstock energy of 20.9 GJ/Ton ammonia, with a practical
minimum feedstock energy »of anproximately 22 GJ/ton ammonia,
To +«his must be added the fuel reqguired for oprimary
reforming and feedstock heating ( and or additional
feedstock for "internal combustion,” if fuel firing of the
primary reformer is reduced or abandoned). There are also

15
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significant energy demands for compression, refrigeration,
fans, cooling water, and the recovery of carbcn dioxide.

The conclusions are:

o] Processes using steam reforming of hydrocarbons plus
Haber-Bosch ammonia synthesis are now approaching the
practical limits of energy conservation at approximately 27
GJ/ton ammonia.

o The total energy used for partial oxidation routes,
based on heavy fuel o0il or coal, +ill always require at
least a 40 percent increase in total energy consumption when
compared to the best steam reformer designs.

o Lower energy efficiency and the increase 1in fixed
investment of at least 50 percent make &« large cost
advantage necessary for heavy fuel 0il or coal in order to
justify its use compared to natural gas. A rough calculation
indicates that vacuum residual o0il1 would need to be
available at 9.24 cents/gallon ($25/metric ton or 61.2
cents/MMBtu HHV) to compete with natural gas at $2.50 MMBtu
(HHV) for the production of 1,000 metric tons per day of
ammonia in a new plant. In the United States, vacuum residue
is sold at approximately three times this price!.

In a natural gas based plant 34% of the gas is used for fuel
and 66% for feedstock: in a naphtha-based plant about 38% of
the naphtha is used for fuel and 62% for feedstock (123},
These values are for plants ecuipped with good eneragy
reccvery systems. Fuel reauirements do not include electric
power generation or steam generation other than that
connected with heat recovery. Modern ammonia bplants are
self-sufficient in steam supply, and much of the mechanical
power is supplied by steam rather than electricity.
However, in developing countries, a captive e ectric
generating plant usually is considered essential for a
dependable supply of electricity.A good indicator of
increased efficiency in ammonia production is the reformer
stack temperature previously about 260 Oc it now approzches
160 °c as more heat is recovered from less stack gas.

Also, if a urea plant is associated with the ammonia olant,
additional fuel will be required to supply the steam needed
for urea nroduction. Therefore, total fuel requirements mayv
be larger than those mentioned above,

When a high-cost ‘eedstock is used for ammonia production,
it may bhe advantageous to use a lower-cost fuel for heating
and fnr producing steam and electricity. Likewice, when the
suonly of feedstock (such as natural gas ) is inadecua%te for
both fuel and feedstock, a different material mav be used as
fuel. Several plants in the United States that use natural
ogas feedstock are eguipped to use a light fuel oil1 for

16
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heating the reformer. In cases where fuel o0il is more
expensive than natural gas, the fuel oil system may be used
only when the natural gas supply is limited.

Use of heavy o0il or coal for fuel could be considered for
plants using expensive or scarce feedstocks. However, these
fuels cannot be used to heat reformer furnaces unless some
extensive modifications are made. Impurities in heavy oil
or coal would adversely affect the reformer tubes by causing
corrosion or erosion uriless design modifications were made.
Deane and Browne have described a naphtha based flowsheet in
which a non premium fuel 1is used for preheating the
feedstock and the air to the secondary reformer (14).
Obviously, there would be no technical problem in using coal
for steam and electric power in units designed for that
purpose. Direct use of coal for heating the reformer
furnace would present serious difficulties, but indirect use
such as oyproduct gas derived from coal may be technically
and ecoromically feasible in some cases.

Technology of Steam-Reforming_Process

A simplified flow diagram for production of ammonia by steam
~reforming natural gas or naphtha is shown in figure 2. In
the following discussion, each of the steps will be
discussed in the sequence in which they occur.

Flve
Notwrel-gas feed ’G.’ €Oy
] Steom
Goiler w
Svifer ow
remeval -
A Heot
[ - ‘% eachonger
Hest
sdr“ Seom w eschanger
removol Heat 3
sxchonger Heot \3
Yo CICW
Sulfur . L
Primary Secondory Shify co
removel w ? O sty
relormer reformer converter obsorber CO, singper

PR ——

Preduct ’ Condenser

flosh tonk ond pre healer

liquid ammenio Ammonio
10 precess o siorage ®~ ~ =

converier

Figure-2 Ftow Diaaram for Production of Ammonia by Steam
Reforming Process
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Eeedstock Preparation: As mentioned previously, most
natural gas requires some purification, particularly the
removal of CO, and H S which may be done by the natural gas
producer if tﬁe gas 1s transmitted by pipeline. If the gas
is taken directly from wellheads, the user (ammonia
producer) may have to purify the aqas. Depending on the
source, natural gas may contain entrained dust or droplets
of 1liquid (o0il or water) which should be removed by
separators, filters, etc.

After the initial purification, natural gas is compressed to
reformer pressure, if not already at that pressure, and
preheated. Then, any remaining sulfur is removed to avoid
poisoning of catalysts. The sulfur may be removed by
adsorption on activated carbon at amb1ent temrerature or by
absorption by hot zinc oxide (290-400 °C) after the gas has
been preheated.

Zn0 +H20——--Zns +H20

The gpent adsorbant is regenerated by strioping with steam
or hot gases. In some cases bnth treatments may be used.
Some natural gas particularly associated with offshore
reserves may contain significant amounts of chlorides which
can poison catalysts particularly the low-temperature shift
catalyst. Catalysts or absorbents are available for removal
of chlorides. Quartulli describes a oretreatment system for
removal of both chloride and sulfur from natural gas or
naphtha (fiocure 2) (15).

N

PREMEATEN

[y
Y
.
A
[y

NATURAL
Gas Y
MYOROTREATER -

nerert |

MOROEN l

10 AEFORMER
1. ANACE

Cri OrinE SULFUR
GUARD vESSILS

Figure 3. Natwrsl Gos Treating System for Chionne and Sulter Remeval.

Figure-3. Na*ural Gas treating System for Chlcrine and
sulfur removal

18




Jooooooooooooocooooo0000000000000000000061

19

The preheated gas or vaporized naphtha is mixed with a2 small
amount of hydrogen (recycled synthesis gas) and passed
through a “hydrotreater™ containing a catalyst which
converts sulfur compounds to H,S and chlorides to HC1. The
catalyst has a nickel molybdenum or cobalt-molybdenum
composition. The hydrotreated feedstock 1is then passed
through one or more 9quard vessels containing layers of
chloride removal catalyst (a copper-based material)and
sulfur removal catalyst (zinc oxide) This system will
effectively remove sulfur in "nonreactive™ forms (such as
thiophenes) which cannot be removed by zinc oxide without
hydro-treating. Molybdenum based catalysts can also be used
to hydrogenate olifines that may be present in some natural
gases whereas olifines are not catalyst poisons in the
strictest define that may can crack or polymerize at high
reforming temperature, blocking the active catalysts sites.
The ol1ifines also get removed through hydrotreating.

Since naphtha usually contains unreactive sulfur,
hydrotreating or hydrodesulfurization is commonly used in
naphtha-based plants. The catalysts (absorbents) used in the
cuard beds are expensive and cannot be regenerated.
Therefore. if the feedstock contains much sulfur or
chloride, some means for removing most of these impurities
as a pretreatment should be consicered. In the case of
natural gas, absorption in an alkaline solvent such as
monoethanolamine or potassium carbonate, which can be
regenerated., 1is commonly used for removing most of the
sulfur,

Sulfur and chlorides (and other catalyst poisons) can enter
the ammonia plant in the steam or in the air to the
serondary reformer; thus precautions should ke taken *to
eliminate such impurities insofar as is practical. In
addition, a layer of guard absorbent may be placed on top of
the catalyst, particularly 1in the <case of the low-
temperature shift catalyst.

Some natural gases have also been found to contain mercury
which is a reformer catalyst poison when present ir large
amounts. Activated carbon beds impregnated with sulphur have
been found to be effective in removing this metal.

Primary Reforming: The purpose of the primary reforming
step is to convert the bulk of the hydrocarbon feed to Ho
and 0O by reaction with steam so that the remainder of the
reaction can be carried out in the secondary reformer . This
conversion is reonresented by the following reactions

CHy + H,oD -=> CO+ 3H,
CN + Hy0=-===-> COy +Hy

The overall reaction of the system is endothermic and the
conversion is favoured by high temperature, 1ow pressure and
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high steam to carbon ratio. In the secondary reformer, with
the introduction of air the remainder of methane is burn and
this suprlies the required amount of nitrogen for ammonia
synthesis.

The preheated feedstoc! and high-pressure steam at or above
reformer pressure (30-40 atm) are mixed and passed through a
large number of tubes (50-400) which are externally heated
in a reformer furnace by a fuel which is usually but not
always the same as the feedstock (natural gas or
naphtha).Traditionally stream:carbon ratios of 3.5-4.0 have
been used, but the excess steam adds to the gas volume that
must be accommodated in the reformer and subsequent stages
and much of 1its substantial heat content can only be
recovered at a relatively low level.

Modern 1low-energy process deisgns have tended to employ
milder conditions during reforming and this has enabled
steam:carbon ratios to be lowered with consequent savings in
fuel consumptior. Although the theoretical minimum
steam:carbon ratio is about 2, for practical reasons ratios
of around 3 are used in low-energy plants.

Side reactions in the primary reformer are those which form
carbon an undesirable by-product.

......... > nC + (n+1)H2

Thermai cracking tends to deposit carbon on the catalyst
surface which can reduce the activity of the catalvst near
the entrance of the catalvst tubes before cufficienrt
hydrogen has been produced by the reforming reactions to
suppress the right hand side of the reaction. Promoters.
such as potash, &are used to help suppress cracking in
natural gas feedstocks containing heavier hydrocarbons.
Carbon may also be formed by both the disproportionation and
the reduction of carbon monoxide

2CO ~=-==——-—- > C+ COZ
CO + H2 —_——) C+H20

Carbon produced by these latter reactions is formed in the
catalyst pores, making it much more difficult to remove, and
potentially causing physical breakage. Operating steam to
carbon ratios are chosen above the minimum required in order
to make carbon formation by these reactions
thermodynamically impossible (2). Steam is another potential
source of contaminants. Chemicals from the boiler feed-water
or the cooling system are poisons to the reformer ca*alvet.
s0 steam auality must be carefullv monitored.

THe reformer tubes are wusually centrifugally cast The
generally accepted catalyst tube material for catalytic
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reformer designs is centrifugally cast 25% chromium-20%
nickel (HK-40) alloy having a specified carbon content of
0.35%x to 0.45% and providing the optimum combination of
strength and weldability. In the 1980s, other materials,
most prominently 25 Cr-35Ni-Nb (HP modified) alloy, gained
acceptance, allowing operation at higher pressures and
temperatures while reducing tube wall thicknesses. Thinner
walled-tubes result in less stressful operation because of a
flatter temperature profile, as well as allowing more volume
for catalyst loading. Tubes are generally designed for a
minimum theoretical 1life of 100,000 h, in accordance with
APT standard 530. Tube failure mode is normally through
creep and/or stress-rupture (45). Higher reforming pressures
are favored, because of the lower energy of compression
required for the synthesis loop, smaller vessel sizes,
easier CO, removal at higher partial pressures, and more
efficient process heat recovery.

Available primary reformer designs differ in the arrangement
of tubes and burners, tube material. feed gas distribution,
and reformer gas collector systems. A primarv reformer
furnace is a distinguishing feature of an ammonia plant. The
radiant section of a tynica? Kellogg box type steam
reforming furnace is shown in Tigure-4

Figure-4 Kelloag Reformer

In the bov refarmer the catalyst tubes are arranged in
na~2llel single width rows heated from both siges by either
gas or liguid fired burners, or both, located in the furnace
arch. ICI and Uhde also utilize a top fired configuration
for their primary reformer designs(29-30).
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In the Haldor-Topsoe primary reformer furnace, the radiant
section consists of one or more elongated rectangular
furnace cells having vertical catalyst tubes mounted along
the center line of the cell in either a staggered double or
single straight row. This is a side-fired furnace with
flames deflected parallel to the walls which act as
radiators. The burners operate satisfactorily on gaseous
fuels ranging from hydrogen-rich off-gas to mixtures of
vaporized naphtha and steam (46).

In the Foster-wheeler reforming furnace (3), the inclined
terrace walls are vertically and uniformly heated by rising
flow of hot gases. The catalyst tubes are heated from both
sides and the tube support arrangement uses a carefully
designed multiple counterweight system. The 1lineal burners
can operate on both gas and light distillate fuel o0il. The
radiant box 1is only about 50% efficient, but the heat
liberated and not absorbed by the reforming reaction is
recovered in the convection section, allowing cverall
furnace efficiencies of up to 94%, based on a furnace stack
gas temperature of about 150,C for a desulfurized feed.

The practical Timit on the primary reformer exit temperature
is determined by tube metallurgy considerations.

The reformer tubes range from 7.5 to 20 cm in diameter
with a wall thickness of 0.6-2.5 cm and a length ranging
from 3 to 14 m (16). The tubes are packed with catalyst
containing nickel on a calcium aluminate base. usually in
the shape of a ring about 16 mm in diameter by 16mm long.
The nickel content typically is 14%-16%. Promoters such as
potassium may be added,to decrease carbon forming tendencies
due to heavy hydro carbon or to allow operation at reduced
steam/gas ratios.The compositin of the base may be varied to
increase its strenath, durability, and porosity. The
temperature and the high pressure constitute severe
conditions that require careful design and operation. The
heat in the combustion gas leaving the reformer is used
successively to produce steam, to preheat the 1incoming
feedstock-csteam mixture, and where fuel economy is
important, to preheat combustion air,

The gas leaving the primary reformer usually contains 5%-15%
methane f(dry basis). The ocas temperature usually is in the
range of 800-900°C.

econdary Reforming: The obiect of the secondary reforming

ep ie to complete the conversion of methane to H,. CO, and
02 and to supply the reguired prooortion of No for NH,
svnthesis. This is cdone bv addino air to the amount required
to aive an N:H atom ratio of 1:3 in the synthesis gas after
the shift conversion step. This means tha: the mole ratio of
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N, (H2 +CO) should be 1:3 in the gas leaving the reformer
unless more N, or H, can be added in some subsequent step of
the process. The part of the combustibles (H,, CO and CHy)
in the partially reformed gas, thereby raising the
temperature high enough for rapid completion of the
reforming.

Although most processes involve the use of air alone, 1in
some cases oxygen enriched air is used to supply more heat
and, therebv, take some of the 1l1oad from the primary
reforming step. In fact, it is possible to add enough oxygen .
so that the reforming process becomes “autothermal”™ and the
primary reforming step can be omitted entirely. On the other
hand, less air can be used than required for nitrogen
supply, and part of the nitrogen can be added separately,
preferably at a later step in the process. This arrangement
places more load on the primary reformer but decreases the
amount of feedstock required. This can be an advantage when
the feedstock is expensive (or in short supply ) and a less
expensive fuel is used in the primary reformer.

In the usual case when air to the secondary reformer is the
sole source of nitrogen, the heat input is limited to that
generated by combustion reactions plus the sensible heat in
the preheated air and in the gas from the primary reformer.

A tvypical secondary reformer is a cylindrical, refractory-
Tined, insulated vessel. The upper part is empty and serves
as a combustion chamber in which the gas from the primary
reformer is partially oxidized by preheated air. The lower
nart is filled with a catalyst similar to that in tha
orimary reformer. The air should be free from dust that
might clcg the catalvet bed and from catalyst poisonrs (S,
Cl. and As). The air is filtered, compressed to reformer
pressure, and mixed with the gas in a burner at the top of
the vessel. The combustion causes the temperature to rise to
about 1200°C in the combustion chamber. As the hot gas
descends through the catalyst bed, it 1is ccoled by the
endothermic reforming reactions and leaves the reformer at
a temperature of about 950-1000°C. The gas at this point
contains, on a dry basis, about 56% H,, 12% CO, 8% CO,, 23%
N, plus argon, and usually less than 0.5% CH,. It also
contains excess steam ranging from one-third to one-half of
the total gas volume.

Substantial energy savings can be made by leaving more of
the reforming duty to the secondary reformer.and this
practice is embodied in one way or the other in many recent
processes.vVarious design obticons that can be incorporated
into a new grass root plant or can be used as revamp aptinns
are:

o] Increasing the temperature of air to secondary
raeformer;this imoroves safety, reduces stack noise and
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allows batter control of excess air. This design
concept approximately saves energy to the tune of 250-
270,000 Kcal/Ton of ammonia.

o Steam superheating: improves efficiency of the steam
turbines and reduce firing at the reformer. It saves
approximately 100,000 Kcal/Ton.

o] Saturation of Natural gas feed : saves 30-50% of the
process steam, and at the same time reduces the process
condensate treatment.

o The gas stream after hydrodesulpherizer is fed to the
natural gas saturator where the natural gas is
saturated with process condensate recovered upstream of
the carbon dioxide removal system.

o Lowing steam to carbon ratio to about 3.0 with a
standard catalyst and to 2.5 with the new catalyst for
reforming and HTS/LTS greatly benefit both utilities
and natural gas costs, but ts Yimitation being the
guide reaction leading tc carbon formation in the
reforming process and it resudts overheating in HTS
converter,

o Primary reforming bv-pass as conceived by HERA process
results in energy saving due to low average steam to
carbon ratio, but requires excess air to secondary
reformer,

le) Gas heated reformer GHR ingstead of fred reformer is
claimed tn be successfully emnloved bv ICT in their 1CA
(1eadina Corcent ammonia process) can he used in plants
where no steam export is reauired.

carbon Monoxide Conversion: Gas from the secondary reformer
is cooled (generating steam) to about 3750C which is the

usual temperature for the shift conversion reaction:
CO + H,0 --H, + CO, Delta H= -9.8 Kcal/mole

The reaction is evothermic; therefore, it is usually carried
out in two steps with heat removal between steps. The rate
of reaction 1is more rapid at high temperatures, but
equilibrium is more favorable at low temperatures. Thus, it
is common practice to operate the first step at a higher
temperature than the second so that most of the CO is
¢onverted in the first step, and in the second step the CO
is reduced to less than 1% (often as low as 0.2%),

Prior to 1960, the same tvpe of catalvst was used in both
stens. This catalyst is mainly iron and chromium oxides,
about 55% Fe and 5% Cr. It is active only at relatively high
temperatures (350-430'C) and is known as a high temperature
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shift (HTS) catalyst. The overall activity of HTS catalyst
is low, therefore, the gas stream leaving the high
temperature shift converter contains a substantial amount of
unreacted carbon mono-oxide(usually around 3%). Most LTS
catalysts contain zinc and alumina in addition to copper.

The LTS catalyst is much more expensive than the HTS
catalyst and is more susceptible to poisoning; thus, it has
a shorter useful 1life. Its advantages are that (1) it is
active at a lower temperature range, where equilibrium is
more favorable, thus more CO reacts with the steam to form
H, and (2) less excess steam is required.

It is generally agreed that the advantages of the LTS
catalyst outweigh its disadvantages, thus it is commonly
used in the second step of CO conversion. Some precautions
that may be taken to extend the life of the LTS catalyst are
(1) scrubbing the air to the secondary reformer with water
or dilute alkali solution to remove catalyst poisons, (2)
more rigorous purification of feedstock and boiler
feedwater, and (3) insertion of guard beds between the high
and low temnerature shift converters to remove S and CL from
the gas. Figure 4 shows a typical arrancement of a secuence

‘~f HTS converter cooler, ZIn0O guard, LTS converter, cooler,

and €O, removal. An alternative, but more expensive,
arrangement is to use HTS catalyst in both converters with
CO, removail after each converter., Removal of CO, after the
firet conversion step provides more favorable equilibrium
ronditions so that the CO content can be decreased to a Tow
Tevel in the second step even with the 1less active HTS
catalyst. With either arranagement the €O content can be
Towered to about 0.2% or less.

Carbon Dioxide Removal: After leaving the shift conversion
step, the gas may contain 18% CO,, or more depending on the
feedstock composition. It is then cooled if necessary, to a
temperature range which depends on the requirements of the
absorbent used in the CO, removal step. Absorption in water
was commonly used in pre-1940 plants. Its disadvantages were
high energy consumption and loss of H, and N, which are
appreciably soluble in water at the high pressure used.
Recovery of CO, having adequate purity for urea production
was difficult. Between 1340 and 1960, a 20% solution of
monoethanolamine (MEA) was favored. 1Its drawbacks were low
absorption temperature, high desorption temperature,
corrosion and high utility and investment costs. After 1960,
the majority of new plants used potassium carbonate solution
with various additives to promote absorption and inhibit
corrosion, Tts main advantaoce is lower heat reqguirements
for <tripping the €N, from the solvent, In potassium
rarhenate procecsses two important processes are Benfield and
. vetrocoke orocesses which incorpnrate venadium ovide and
arsenic diovide respectively as activators. However. there
are several other solvents in use, mainly organic liouids,

25




'"TEXEXEXEEEERENX XN N N N N N B S 0 00 00O 00 00 ¢ 0 09 O VW TN

some of which have a proprietary composition.

The potassium carbonate system operates mainly on pressure
differential-C0, absorption at high pressure and CO, release
at low pressure. In the absorption step the prossure is
typically about 30 atm (reformer pressure minus pressure
losses), and the temperature may be 100°Cc . The CO, is
absorbed chemically by the conversion of potassium carbonate
to bicarbonate. When the solution 1is regenerated by
releasing the pressure to about atmospheric pressure. COp
and water vapor escape. In some cases, CO, release may be
assisted by stripping with low pressure steam or air. The
regenerated solution is returned to the absorber at a
temperature of 85-90 °C and is heated by the gas from the
LTS shift converter. In this way some or most of the heat

required by the €O, removal process is derived from the heat
in the incuming gas.

The original hot carbonate process developed by the U.S.
Bureau of Mines was found to be corrosive to carbon steel
(55). Various additives have been used in order to improve
the mass transfer rate as well as to inhibit corrosion.
Vetrocoke, Carsol, Catacarb, Benfield, and Lurgi processes
are all activated carbonate processes. Improvements 1in
additives and optimization of operation have made activated
carbonate processes competitive with activated MDEA and
nonaqueous solvent based systems. Typical energy
requirements are given in Table-5,.

Table 5 Energy Requirements for CO, Removal Systems

Removal System GJ/mol CQ,p
MEA 210

MEA with inhibitors 140-93
potassium carbonate 197
potassium carbonate with

regenerator(s) 88-62
activated MDEA with

generator(s) 60-42

In contrast MEA absorotion regeneration operates on a
temperature on a temperature differential with absorption
at a relatively low temperature, 27-60°C, and regeneration
at 100-140 °C. Thus, it is necessary to cool the incoming
gas to the absorber and to heat the MEA solution in the
regenerator with steam and proress gas. Thke MEA process has
been improved by the additionr of promoters and corrosion
inhibitors, thereby lowering heat reauirements,

Activated tertiary aminez such as triethanolamine (TEA) arnd
methyl diethanolamine (MDEA) have gained wide acceptance for
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CO, removal. These materials require very low regeneration
energy because of weak CO, amine aducct formation, and do
not form carbamates or other corrosive compounds (53) Hybrid
CO, removal systems, such as MDEA-sulfolane-water and DIPA
sulfolane-water, are aqueous alkaline solutions 1in a
nonaqueous solvent, and are normally used in tandem with
other systems for residual clean-up.

Much attention has been given in recent years to methods for
removal of acid gases (mainly CO, and H,S, not only from
ammonia synthesis gas, but also from natural gas, synthesis
gas for products other than ammonia, and fuel gas produced
by coal gasification carbonization. Numerous processes have
been developed, and the choice of process for the ammonia
nlant may depend on a balance between energy cost,capital
cost and other factors.The choice of specific CO, removal
system depends on the overall ammonia plant design and
procass integration, Important considerations include: CO,
slip required, CO, partial pressure in the synthesis gas,
nresence or lack of sulfur, process energy demands,
investment cost, availability of solvent, and CO, recovery
requirements. Carbon dioxide is normally recovered for use
in the manufacture of urea. in the carbonated beverage
industry, or for enhanced oil recovery by miscible flooding.

Absorption Systems. Solvents oenerally perform better at
higher partial pressures of carbon dioxide. Because the
solubility of acid gases increases as temperature decreases,
most absorption systems use supdblemental refrigeraiion to
achieve low temperature abscrption. Recause of the low heat
of absorntior, the stripping o2s s usuallv air and hence
the heat requirement for thece processes is negligihle.
Normally about 70% of the carbon dioxide is recovered by
pressure raduction. Higher CO, recoveries can be achieved by
flashing at high vacuum or by reintroducing the strioper

overheads in the secondary reformer(58).

The Rectisol process is more readily applicable for acid gas
removal from synthesis gas made by partial oxidation of
heavy feedstocks. The solvents used in Purisol, Fluor
Solvent, and Selexol processes have low vapor pressures and
hence solution losses are minimal., Absorption systems are
generally corrosion free,

Pressure Swing Absorption. Carbon dioxide can be removed by
pressure absorption on molecular sieves. However, the
molecular sieves are not selective to CO, and the gases must
be further processed to achieve the high purity required for
"over the fence” use as in the urea process. Use of pressure
swing absorption for CO, removal appears most aoplicable %o
amal11, stand alone plants. Since partial oxidation of heavy
011 or coal vields gases containing H,S as well as CO,. the
acid g=2s removal process for this use must be capable of
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removing and separating these impurities and converting the
H,S to S or other nontoxic compounds. Some partial oxidation
processes produce gas containing small percentages of HCN
which must be removed and converted to nontoxic compounds.

A complete discussion of CO, removal processes is beyond the

scope of this manual.However,

table-5 taken from Quartulli

gives the basic characteristics of 18 major processes (15).

Table-5:PROCESSES FOR REMOVAL OF ACID GASES(CO, AND H,S)

Acid gas content

Solution in treated gas.
Process Solvent circulstion ppm
Reaction systems
MEA® 20% monoethanolamine medium <350
promoted MEA 25-35% monoethanolamine plus medium <50
Amine Guard
DGAS - 60% diglycol amine medium <100
MDEA? 40% methyl diethanolamine plus medium <50
additives
Vetrocoke KsCO, plus Asq0;-glycine high 500-1000
Carsol K¢COy plus additives high 500-1000
Catacarb 25-30% K2CO; plus additives high 500-1000
Benfield 25-30% KjCO; plus high 500-1000
dietkanolamine and additives
Flexsorb HP KyCO; amine promoted high $500-1000
Lurgi 25-30% KzCOj plus additives high 500-1000
Alkazid potassium salt of 2-(or 3-) ¢ ¢
methylamino propionic acid
Combination reaction-physical systems
Sulfinol sulfone and 1,1-imminobis- . medium <100
2-propanol
TEA-MEA/ triethanolamine and high (TEA) <50
monoethanolamine low (MEA)
MDEA-sulfinol-H,0 medium <50
Physical absorption systems
purisol (NMP) N-methyl-2-pyrrolidinone medium <50
rectisol methanol medium <10
fluor solvent propylene cazbonate 4 ’
selexol dimethyl ether of polyethylene : s
glycol
“Ref. 54.

*MEA is monoethanolamire.

‘DGA is diglycol amine.

YMDEA is methy! diethan~lamine.

“Dependent on servics.

“TEA-MEA is triethanols.ine-monoethanclamine.
fDependent on pressure.

Methanation: The gas leaving the C0O, absorption step stil)
contains about 0.3% CO and 0.2% or less CO,. These oxides
must be removed before the ammonia synthesis step because
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they would decrease the activity of the ammonia synthesis
catalyst and cause depusition of ammonium carbamate
(NH,COONH,) which can cause fouling and stress corrosion
cracking in the compressor and in the synthesis loop.. The
methanation reactions are;

CO + 3H2----> CH‘ +H20
COZ +4H2—---> CH‘ +2H20

These reactions are the reverse of the reformer reactions,
and a similar nickel-based <catalyst is used. Most
commercial methanator catalysts contain nickel, supported on
alumina, kaolin, or calcium aluminate cement. Sulfur and
arsenic are poisons to the catalyst, which can also be
fouled by carry-over of solvent from the CO, removal system.
It will be noted that each molecule of CO and CO, consumes
three and four molecules of H,, respectively. Therefore, it
is necessary to efficiently remove CO and CO, to the
minimum practical level.

Dehydration: Use of molecular sieve driers for final clean-
up of the carbon oxides and water in the synthesis gas to
less than 1ppm levels has gained prominence in Yow energy
ammonia plant designs. The sieves are usually located at the
interstage of the synthesis gas compressor to reduce volume
requirements. The nurified make-up gas can then be combired
with the recycle and routed directly to the converter,.

Excess Nitrogen Removal: A number of low energy processes
use evcess air in the ceconda-y -eformer in order to reduce
the oprimarv raformer duty. The surplus nitrogen so
introduced *as to be removed later in the process.The
nurifier pracece chown in Figure & “ncornarz2tes a cryogcenic

- = -7 LT

aurification step prior to make-up gas compression (59)

Carbon ~ioxide
romoval

Steam >
combustion
.‘v .
Off-gas from purifier o primary reformer fuel
Syngas
Driers COMPrassor
Synthesis converters *
\
{Methanator purifier
oduct
< Recycle purge gas o

Figure 5.°" The Pyrifier System
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Methanator effluent is first dried to a very low dew point,
then cooled, and expanded in a turbine to liquefied stress
is a scrubbed in a rectifying column to remove all but about
0.2% argon and almost all the methane. About half of the
carbon monoxide in the feed after methanation is also
removed.ICI and Uhde process designs utilize a cryogenic
separator to remove surplus nitrogen at synthesis 1loop
pressures (29-30). Pressure swing separation 1is used 1in
various processes to remove excess N,,CO, and part of the
methane and argon (47).

The methanation step is usually carried out with a gas inlet
temperature of 3000C -3500C; therefore, the gas must be
preheated to that temperature. Since the reaccions are
exothermic, the temperature may rise to 3200-4000C at the
gas outlet, depending c) the CO + CO, content of the gas. A
heat exchanger is commonly used to preheat the incoming gas
and cool the exit gas.

Compression: The synthesis gas leaving the methanation step
typically ccontains about 74% H,, 24% N,, 0.8% CH,, and 0.3%
Ar, dry basis. The gas must be compressed to the pressure
required by the synthesis step. Before centrifuagal
compressors came into general use, reciprocal compressors
were used. these reciprocal compressors often involved as
many as five stages of compression with the various gas
purification steps at intermediate pressures. Synthesis
nrescures varied widely from 100 to 800 atm depending on the
process. Reciprocal compressors are still used for small
nlants (less than 500 tond), but certrifugal compresscrs are
now used in the great majority of rew »nlants havinag
capacities of 600~-1500 tpd. Svrnthesis pressures in these new
nlants ycually are in the range of 150-280 atm, althouach
some of the larger plants may operate at 300-350 atm, It
was previously considered that the use of centrifucal
compressors was applicable only to plants of 550-tpd
capacity or more, but process designs using centrifugal
compressors are now offered for plants havina capacities as
Tow as 300 tpd. (15).

Centrifugal compressors are drive by steam turbines using
high pressure steam generated mainly €rcm hot process gas
leaving the secondary, reformer, The steam is erxhausted at a
lower pressure ard used in the reforming process and other
process steps.

Reciorncating compressors are driven by electric mctors.
They are more efficient than centrifugal compressars,
tvpical efficiencies are reported to be 279 £or
reciprocating compressors as compared with 70% f2- the
centrifugal tyoe. However, recinrocating zcomarecsc-s 3-e
more evpersive, especially for 'arge plants, “he opnwer
consumption in plants using reciprocating compressnrs may
range from 600 to 900 kwWh/ton of ammonia as compared with
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20-35 kWwh in plants using steam driven centrifugals.
However, this high electric power requirement is offset by
lower fuel requirement. Where electricity is cheap or can be
generated on site with low cost fuel such as coal and when
the ammonia feedstock is expensive, there may be some saving
in operating cost from using recinrocating compressors,
especially in small plants. The largest plant with

reciprocating compressors is reported to produce 670 tpd of
ammonia,

Cnntrwfugal compressors usually are built with two or thr ree
casings, often with interstage cooling. Compressor design is
highly specialized, and the details of design, arrangement,
and oreration are complex. A typical simplified diagram of
a synthesis gas loop is shown in figure 6
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Ammonia synthesis: As mentioned previougTy, ammonia
synthesis is commonly carried out at 400-450°C, using an
iron catalyst promoted with potassium and alumina. The gas
entering the converter consists mainly of gas circulated in
the loop with a relatively small amount of fresh synthesis
gas called “make-up gas. The gas entering the converter
contains N, and H, in a 1:3 ratio plus 10-14 “inerts” and
about 2X NH, The "inerts” consist mainly of methane, argon,
and sometimes helium if the natural gas feedstock contains
that element. (Methane is not, strictly speaking, an inert
gas, but the term is used in ammonia synthesis context since
it does not participate in the reaction). Since the inert
gas concentration tends to increase as the N, and H, are
removed, it 1is necessary to vent a side stream of “purge
gas” to keep the 1inert gas concentration at a tolerable
level.

The synthesis converter is the heart of the ammonia plant.
Early designs were based on tube cooling as exemplified by
the TVA converter (61). Although these converters offer good
thermodynamic operating characteristics. mechanical
complexity limits them to small capacity dasians. tLarge
capacity ammonia plants in the 1990s exclusively empnloy
multiple bed converters. The range of these converters
differ in type of flow (axial, radial, or cross flow}.
temperature control methodology quench or indirect cooling),
and reaction heat recovery.

In most reactor designs, the cool inlet synthesis gas flows
through an annular space between the converter shell and the
~atalyst cartridge. This flow maintains the shell z2t low
temperatures and eliminates the oecssibility 0of thyvdrooen
ambrittlemert that can occur at normal synthegie precsures
After the gas exits the annular space, it flows to
internally located heat exchanger that preheats the inl
gas to svnthesis temperature. Inlet bed temperatures ar
controlled by quenching the bid effluents with cold
syrthesis gas. The Kellogg cuench converter shown in Figure?
is a classic example of this reactor conficuration.

D
M *t 3

Most modern ammonia converters are designed for radial or
cross-flow, and indirect temperature control is provided by
a heat exchanger. In the horizontal ammonia converter
designed by M.,W. Kellogg (see Fig.8) gas flows through
shallow longitudinal catalyst beds called slabs contained in
an easiiy removable cartridge. Mcst of the conversicon ozcurs
in the first bed which has the highest criving force to
equilibrium. Because of the large croes sectional flow
area, the pressure dren s eviremelv low even with gmall
cata'vst particle sizes, A bypase is nrovided around %the
intercraler far tomperatire cortrcl, Thig nonverter hag haen
suczeceful for rumernus large cacac‘ty desicnsg, Radial flow
~onver*arsg, cuch as those designed by Uhde and Tocsoe, offer
gnod gas distribution without the penalty of higher oregeure
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drop. Topsoe's series 200 radial) flow converter is shown
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Ammonia Casale's mixed (axial-radial)converter offers
similar advantages. The C.F. Braun axial flow reactor
provides interbed cooling outside the pressure shell as
shown in Figure 10. Large capacity ammonia plants employ 3-
bed intercooled converters to achieve high ammonia per pass
conversions at economical space time yields.

The gas leaving the converter will contain 12%-18% NHE,
depending mainly on the pressure, conversion per pass

increases with pressure. The gas is cooled first by heat
exchange with the incoming gas, then by air or water. and
finally by refrigeration to condense most of the ammonia as

a liquid. The degree of cooling required depends on the
pressure. At high prassures much of the ammonia as a liquid.
The degree of cooling required depends on the pressure. At
high pressures much of the ammonia can be condensed at
temperatures obtainable by water cooling. At lower pressures
(150-200 atm) increased reliance must be placed on
refriceration. If the ammonia is to be delivered *o
atmospheric pressure storage, it must be further cooled to -
23%  (chapter VII). The gas remaining 2after ammonia
condensation is recycled to the converter by means of a
compressor.

The purge gas may be used as supplemental fuel in the
primary reformer with or without prior recovery of its
ammonia content by water scrubbing.

In some cases it mav be worthwhile %o separate the purge gas
components crvooenically (after NH recovery). The CH, and
H, can be returned to the process, 2nd the argen can be sold
where thare ig 3 market for i+,

In at typical ammonia plant, the purge gas represents 4-€%
of the total synthesis gas. A typical purge gas compeosition
for loss t/d plant is should in Table.( ) A1l modern plants,
incorporate systems that could extract the hydrogen from *he
purge stream. This hydrogen is recycled to the compressor.
Table-1

Purge Gas Input

Component Range, mol% Normal, mol%
Hydrogen 60-65 64.5
Nitrogen 19-22 21.5
Argon 3-5 4.1
Methane 6-14 7.9
Ammonia 1.5-3.5 2.0
Pressure, bar 130-250 140

Hydrogen recovery systems, rvogenic gystems cormhbination cf
cryogenic and member systems are available in “he marbet,
Another recovery of utilizing purge g2s is the bpurge gz2s
conversion unit (PGRU) made by Xellogg.
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CRYOGENJC SYSTEMS

The technology of cryoagenic hydrogen recovery is offered by
vendors such as Costain Engineering Ltd., Air Liquide and
Linde AG. The cryogenic process works as follows: ammonia is
removed from the purge gas by washing with water, followed
by molecular sieve drying to provide a clean, dry gas. The
solution 1is passed to an ammonia stripper to recover
anhydrous ammonia. The gas is then cooled in a pnlate-fin
heat exchanger, mounted within a cold box, at the maximum
allowable pressure (70-80 bars), to give a hydrogen-rich
vapor phase and a liquid phase. After separation the
hvdrogen rich fraction is fed to the intermediate stage of
the synthesis gas compressor. The liquid from the separator
is expanced and used as fuel gas. Typical recovery rates are
94% of hydrcgen and 20% of nitrogen with 90% rejection of
inerts.

MEMBRANE SYSTEMS

The first membrane system was introduced bv Du Pon* in the
ezarlvy 19870g, but *the first system <%0 be commercially
marketed was Prism from Monsanto. The company is currently
leading the market in membrane gas separation systems
through its subsidiary Permea. with nearly two hundred units
iretalled since 1979,

Senaration of gases by a membrane occurs due to the
differences in diffusivity and solubility within the
memhrane matrix. The transport rate across a membrare is
determired bv the size o0f the gaseous molecule and the tyne
of rhemical dinteractions it has with the matriv. The
mamhrana matriv ie mych more permeable to maleculeg zuch as
water vapor, hvdrogen and helium, which are "fast”
molecules, than molecules such as nitrogen, methare, argon
and ovyvgen, which are "slow” molecules.

The Prism svstem uses § Polysulphone hollow-fibre membrane
with a silicon rubber coat. The coat is used as a top layer
to cover any defects in the pore system, so cu'minating the
influence of any imperfections. Thousands of hollow fibres
are bundled +together in a pressure vessel, to give a large
surface area for a small installation. as shown in Fig. 1.
The pressurized purge gas enters the shell side and passes
along the fibre surface. Due to the difference in partial
pressure between the inner and outer surfaces, the hydrogen
in the purge aas permeates through the walls to the bore of
the fibre, which is sealed at too and opens through a tube
cheat at the bottom., The hvdrogen--ich permeate ¢as i3
deivered at +the bottom of the separator at essentially the
same nressyre as the inlet ourge aqas.

High ammonia concertrations diminish the performance of the
fibre, s0 3 water scrubber is employed upsiream of the




separators. The ammonia is then recovered in an ammonia
stripper, Fig-11 shows the complete recovery scheme. The
scrubbed purge gas is then heated to 320C and passed into
the Prism separators. Depending on the degree of separation
required, one or two banks of separators may be used. If a
second bank is used the pressure of the permeate gas will be
Tow, and so this is fed to the low-pressure compressor
suction.

HYDROGEN RECOVERY FROM AMMONIA PLANT PURGE

r

PERMEATE TO
MIGH PRESSURE

TST BANK PRISM™SEPARATORS l COMPRESSOR a
SUCTION

REJECT ! q
GAS TO REFORMER
FUEL

PEAMEATE TO
LOW PRESSURE
290 BANK counmou‘é

PRISH™SEPARATORS SUCTION

WATER

Figure 11 Ammonia Recovery System,

MODERN LOW ENERGY STEAM REFORMING AMMONIA PROCESSES
Considerable research has been done in steam reforming
process in recent years. Many engineering companies have
developed their proprietary processes important among these
are: MW, Kellogg process, Haldor Topsoe process, ICI,s AMV
process, KTI's PARC process, Braun purifier process. The
engineerirg ccmpanies have developed new flow sheets after
modification of particular sections of the process in order
+o 1imorove energyv efficiency, Sa'ient ‘eatures of these
nrocecses are given hereunder:

M. W, KELLOGG PROCESS

The catalytic steam hyidrocarbon reforming pdrocess produces
raw svnthesis gas by steam reforming unrder pressure,
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followed by CO. shift purification of raw synthesis gas and
ammonia synthesis. The process features efficient integrated
generation system, a high level of process heat recovery and
use of centrifugal compressors. Exit pressure from the
primary reformer is normally 400-500 psig. Exit temperatures
from the primary and secondary reformers are approx.1500-
1800° F, wh11e shift reaction temperatures are about 800 Of
and 500 F for high and low temperature shifts respectiveiy.
Synthesis pressure depends on plant capacity and compressor
selection. High capacity units involving the use of
centrifugal compressors have synthesis pressures 1in the
range of 2000-4500 psiaq.

H R_TOP PROC

It is a low energy process for the manufacture of ammonia
from gaseous, liquid or solid hydrocarbon feed stock. Main
features of the process are desulfurization of the
hvdrocarbon feedstock by means of hot zinc oxide at about

AHO—C in case of refractory sulphur compounds a
hydrogenation step is installed wupstream of zirc oxide
vessel, Neforming is done in two steps, grimary reforming

and secondary auto-thermal reforming. Topsoe desigred
furrace is of side wall f1r¢d type. High temperature shift
is operated a+ about 39292F and Tow temperature conversion is
done 2t 23569F. CO; remcval is based on absorption of CO, by
means of phys1ca1 absorntion for which no heat of
regeneration is required. Ammonia synthesis is based on
Topsoce S$-200 radial flow ammonia convertor., The loop
orescure i§ in the range of 2006-2125 pnesig depending on
Tezal condition,

AMV PROCFESS

In the AMV process greater than stoichiometric amount c¥ air
is fed to the secondary reformer. This subsequentlvy reduces
natural gas feed and fuel reguirements of the primary
reformer, Other main difference is ammonia synthesis lo0D
which operates at 60 to 100 bar. A new synthesis catalyst
has also been developed. This results in lower operating
temperature and increased conversion efficiency.

ICI’s LCA PROCESS

ICI's LCA (Leading Concept Ammonia) process.is
dietinguished by the Tact that energy efficiency at small
scale (i.,e. around 400-500 t/d) is virtually the same as for
large plant low erergy processes. r-'co"\orny of scale is being
chal’enced by small is beautiful in these times 0nf s'ower
canacity crowth and rationalization!

Qv stark contrast, the LCA proncess uses the heat genrnerated
in the (erynthermic) secondary reformer %o heat directlv the
catalyst tubes in *he primary reformer,
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The arrangement to achieve thic is also simple enough, the
primary reformer sits above the secondary reformer. As with
other processes so far described, excess air is fed to the
secondary reformer, but then all the heat required in the
primary reformer is taken from the hot process gas leaving
the secondary reformer, rather than radiant heat from fuel
fired burners. Thus the cathedral 1l1ike structure of a
conventional primary reforming furnace is substituted by the
proprietary Gas heated reformer, GHR, in which the catalyst
tubes are effectively arranged in a compact refractory lined
heat exchanger. Since the requirement to raise steam from
the reaction heat of the secondary reformer is much reduced,
a totally integrated team system is no longer necessary.

Carbon dioxide, inerts and excess nitrogen are then removed
from the raw synthesis gas plant. Ammonia synthesis itself
takes place at Tlow pressure, below 100 bar, using highly
active catalyst.

Electric drives are used for most rotary equipment, and
because there are no turbine drives there 1is no need to
raise 100 bar steam. Steam production is limited to 60 bar

ICI has stated that the net energy consumption of the
process, as demonstrated at its two 450 t/d units at
Severnside, UK, is 29.4 GJ/tonne ammonia.

This process 1is said to be particularlv suitable for
smaller plants, yet claims energy efficiencv comparable
with much larger plants. PARC process was developed by
combining a number of prcven techniques. An air separation
unit is used to provide pure nitrogen for ammonia svnthegia.
the ovygen enriched toil gas from this unit is combined with
the combustion air fed to reformer. Before ammonia synthesis
the raw synthesis gas 1is purified by a pressure swing
adsorption system. In the synthesis loop an axial radial
type converter is used which is vertical design containing
stacked modular catalyst beds in which the gas flows in a
predominantly axial manner in the first zone of catalyst bed
and in a radial flow in the second zone. Advantages claimed
fcr it include high conversion yields, 1ow pressure drops
and low investment costs.

BRAUN PURIFIER PROCESS

Main features of the process include mild primary reforming,
secondary reforming with evcess air, crveocagenic purification
of <synthegsis gas and ammonia synthesis in adiabatic
converters, Primary reformer temperature is ogenerally less
than 700°C  ingtead of over 8159 as in cronventional
reformineg, Fuel raguirements in thus recduced. In the
crvogenic purifier step ewcess nitrcgen is removed, methane
and argon tno are removed from synthesis gas. This results
in saving in compression power. In addition  higher
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concentration of methane can be tolerated at secondary
reformer outlet. Mixture of methane, excess nitrogen and
argon removed provides the gas needed to regenerate the
drier and fuel for the primary reformer. Further complete
removal of water and traces of carbon oxides lengthens the
life of the synthesis catalyst. Synthesis converter contains
a single adiabatic catalyst bed, ammonia synthesis is
carried out in two or three converters. A1l heat exchange °s
external and quench cooling is not required. Excessive
catalyst temperatures cannot occur under normal conditions.

Another means for utilizing purge gas is a purge gas
conversion unit (PGCU) made by Kellogg. The unit consists
essentially of a second ammonia, synthesis loop in which the
purge gas is compressed, passed through a converter
containing ammonia synthesis catalyst, and then cooled to
recover additional ammonia . After ammonia recovery, a
relatively small purge stream is drawn off for use as fuel
and the remainder is recycled to the converter. The unit can
be added to an existing ammonia plant. Since it converts
75% of the hydrogen in the purge gas to ammonia, ammonia
2roduction 1is increased by about 5% without ircreasing
foedstock requirements. The ratio of additional investment
and operating cost to incremental ammonia recovery is said
to be quire favorable.

STaures 12, 13, 14, 15, 1§, and 17 are the flow diagrams of
the above processes respectively,

Ficure 12.Flow Diagram of Ke1jogg Process,
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Figure 17. Flow Diagram of BRAUN Purifier Process.
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Hvdrccarbons heavier than naphtha can be used as feedstocks
for ammonia production by partial ovidation
nrocesses . MNatural aas ard nranhtha algeo rar he used, buyt
since the plant cost for the partial ovidation process is
considerably higher than that for steam reforming, the
liochter feedstocks seldom are used. However. the partial
ovidation process does offer the advantage of wider choice
of feedstock with greater tolerance for impurities. The main
disadvantage is the higher capital cost since an air
separation plant 1is required to supply oxygen to the
gasification step and nitrogen in a later steo. -

Crude petroleum can be used as feedstezk, but the most
common feedstock 1is heavy residual oil from petroleum
refining processes which has had the more valuable lighter
fractions removed. Such oil may contain 3.5% S, depending on
the sulfur content of the crude o0il and the refining
process. using such o0il for fuel or power gereration would
involve expensive edquipment for pnllutinn abatement in mnct
countries: therefore, it igs often available at a relatively
low cost.The cani*al cost difference has been refd.ced
recently as Dpressure in the gas generation s%en have
approached 100 atm,thus reducing sypengive svn oas
comnression,

-
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The feedstock requirement typically is about 0.74 tons of
heavy oil per ton of ammonia (17). In addition, about 0.23
tons of o0il or the equivalent in other fuel is required for
generation of steam and electricity. In contrast with the
steam-reforming process where most of the fuel is used in
the reforming furnace, which requires a premium grade of
fuel, the auxiliary fuel for a partial oxidation process is
used in a separate unit which can use coal, for example.

The principal partial oxidation processes are known as the
Texaco, Shell, and Koppers-Totzek processes. The koppers-
Totzek process is also used for coal and will be described
under that heading. The Shell and Texaco Dprocesses are
generally similar. Figure 18 is a simplified flow diagram of
the partial oxidation process.

Figure 14, Simplifiad Flow Diagram of the Partial Oxidation
Pronrecs




The gasification pressure in partial oxidation processes has
been gradually increased to a range of 60-90 atm which helps
save energy for compression. Lembeck describes a flowsheet
using Texaco's partial oxidation technology in which
gasification and purification are carried out at 72-90
atm(17). Heavy fuel o0il is preheated and pumped into the
gasifier together with high pressure steam and preheated
oxygen from an air separation unit. The reaction takes place
at a high temperature (12000-15000C), and no catalyst is
required. The chemical reactions involved are complex and
not completely understood. However, it is generally believed
that the 0il is cracked to form carbon and methane and other
hydrocarbon gases; these products are partially oxidized to
CO, CO, and H,0, and partially converted by steam to CC and
Hy. A typical composition of the resulting gas is 46% Hy,
47% CO, and 4% CO, dry basis with small percentages of H,S
and N,. A considerable amount of soot (carbon) remains
suspended in the gas.

The hot gas 1is quenched with process water to the inlet
temperature of the shift conversion step ( about 200 °C),
and most of the soot is removed in water which goes to a
sonot recovery unit. The soot is eventually recycled in the
011 feedstock or used as fuel for steam generation., and the
water from which the soot was recovered is recycled to the
cuench step. The quenching step also vaporizes some of the
water into the gas stream, which supplies water vapor needed
for the shift reaction.

The shift reaction is carried ocut with a recently developed
cobalt-molvbdenum catalyst; thus, the CO content of the gas
is reduced to about 1%. The next step is removal of €O, and
U,sS by a Restisol scrubbing process using methanosl ag the
solvent., The H,S is recovered separately and sert %o a Claus
process unit for conversion to elemental sulfur. Since %the
€O, is of adequate purity for urea production and is
available at 2.5 atm and 400oC, compression costs are
lowered.

The final purification step 1is a liguid nitrogen wash
process which uses liquid nitrogen from the air separation
plant. This process removes CO and also lowers the CH, and
argon content *0 a very low level. These impurities leave
the process in a gas stream which is useful as fuel in steam
gereration.

Prior to the nitrogen wash, residual €0, must be removed by
caustic scrubbing and water is removed by silica gzel! or
other desiccant to prevent freezing of thece gases in the
nitrogen wash column,

After purification, nitrogen is¢ added *tn adiust the MN,:H,
ratio to the stgichiometric 1:3 ratio, and the o9as is
compressed to 220’ atm for ammonia synthesis, This step is
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similar to that described under steam reforming processes.
However, it is claimed that, because of the efficiency of
the nitrogen was step in removing impurities and inerts, the
synthesis step can be operated without gas purge and,
consequently, with higher efficiency. Also the gas purity
contributes to Icng life of the synthesis catalyst.

It should be noted that the total fuel and feedstock
requirement is 0.97 tons of heavy oil per ton of ammonia.
This amount represents enough fuel to generate all of the
steam and electric power required by the process including
the air separation plant.

Supp describes an ammonia plant built in and operated by
VEBA Chemie (Germany in 1972. This plant uses heavy residual
oil (2.5% S) which 1is gasified by the Shell partial
oxidation process (18). The plant is capable of producing
simultaneously 1,215 tpd of ammonia and 450 tpd of methanol
but has sufficient flexibility to produce variable
proportions of the two products up to a maximum of 1,400 tpd
of ammonia or 600 tpd of methanol. Either unit can be
operated independently.A second ammonia plant with a
capacity of 1600 tpd came 1into bpreoduction 1978 and was
revamped in 1989 to expand its capacity to 1950 tpd.

The process is generally similar to that described above
with some exceptions that relate to the coproduction of
methanol. However, cne basic difference is that H,S and CO
are removed before the shift conversion step by a Rectiso
scrubbing step, and CC, formed in the shif: conversion is
also removed after shift conversion bv Rentisol scrubbing.
Firnal purification is nerformed by 'iguid nitrogen wash 2<
in the nrevious avample., The low impurity content of tha
ammonia synthecis gas is illustrated by the aralysis tha%
shows less than 10 ppm cof CH,, less than 30 pom of Ar, and
less than 1 ppm of CO and all other impurities.

The Shell gasification process differs from the Texaco
process mainly in that a waste heat boiler follows the
gasifier and a different method is used for collecting and
recycling the soot. 4

Capital cost of an Ammonia plant with partial oxidation
process are 1.5 to 2.00 times the cost of an ammonia plant
for natural gas reforming.

A naphtha plant costs 15-20% more than the nratural gas
plant.

Process for Production of Ammonia From Coal

Abhout 10% of the world’'s ammonia oroduction ig based on
cnal, coke, or lignite, About half of the coal-based
capacity is in the People’s Republic of China where there




© 00000 00002000000 000000000 OCCFODOCQGROIEOCEOEONOCOPEEOEOOO

-

A7

are over 1,000 small plants with production ranging from
23,000-10,000 TPY (9).Capacity of most of these plants have
been increased up to 15,000 to 25,000 tons/yr Dby
modifications and technology improvements (35).

At present their are 18 coal based plant operating in Greece
, Yugoslavia, South Africa, Zambia, Turkey, India Japan,
Oman and North Korea. The capacity rise is 50 to 1000 tpd.
Apart for these plant there are a number of small capacity
plants operating in China.

A plant based on coal gasification was started in United
States in 1985 but it operated for few years only.

The technology of one of these plants has been described
(21).The feedstock was 1lump anthracite or semianthracite
although it was reported that briquetted coal or lower grade
coal was used in some plants. In general, the process is
similar to the oricinal Haber process which was described
previously. The coal was gasified in a semi water gas
nproducer blown alternately with air and steam. Gas
purification sequence was water scrub, H>S removal, shift
conversion, CO, removal by water scrubbing, and copper
Tiguor scrubbing fro CO removal. The gas was compressed in
six stages by reciprocating compressors with the
purification steps between various stages. The product from
the small plants 1is oft4n used to make dilute ammonia
solution (16%-25%) or ammonium bicarbonate for 1local use,
although scme of the larger plants make ammonium nitrate,

Several larage modern ammonia plants have been constructed
recentlv in China which are haced on nat:r~al' gas, zard rmare
are under construction. However, it is ~lanned to contirue
operation of the small plants and to build more small and
medium-size plants (50,000-100,000 tpy). These smaller
plants will supply local fertilizer needs in areas where
transportation facilities are not adequate.

Texaco coal gasification technology was demonstrated on a
small industrial scale in 1982 at TVA., 1In 13984 Ube
industries in Japan commissioned a new front end based on
this technology which an existing kellogg 1500 tpd ammonia
plant csynthesis lcop. This Ube’s facility in now flevible
enough to produce ammonia from coal, petroleum coke, naphtha
or LPG as required.

Cnal gasification process for ammonia orsaduction can bte
classified according to the method of gasification as fived-
hed (lurgi), *fluidized bed (winkler), or entrained bed
(Vnpoers-Totzek and Tevacol. The so-called fived bed
c2gification is more accuratelv called a moving bed. Lumd
roal (B8-20mm) is charged at the top and descends
rauntercurrently to the gas stream. As it descerds, it is
firet dried and preheated, then carbonized, and finally
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gasified by the oxygen and steam entering the bottom. The
coal ash is discharged from the bottom through a grate, or
in one modification, as a slag. Because the countercurrent
method of operation results in good heat exchange, this
method requires lees heat and, hence, less oxygen than the
other methods. Also, the expense of drying and fine grinding
of the coal is avoided.

The Lurgi moving bed casifier usually is operated at 30 atm.
It requires the 1least amount of oxygen--one-half to one-
third as much as entrained coal gasifiers. It is not
necessary that the oxygen be of high purity; 90% is
satisfactory. The gas leaves the top of the gasifier at
about 4500C and is cooled and washed to remove tar, liquid
hydrocarbons, dust, etc. The washed gas contains CO, HZ’ coO

CH4, and cther hydrocarbons. It is treated by a series o

steps including steam reforming, CO shift conversion, CO

and H,S removal, liquid nitrogen wash, steam reforming o

the methane that is separated by the nitrogen wash, nitrogen
addition, and compression to produce ammonia synthesis gas
(25) .Methods of underground gasification of coal have bheen
developed 1in Russia and the U.S which are aimed at
elimination of mining and reasonable recovery.A svstem
developed by Energy International in the U.8 for "sloping
bed” cool seam claims 60% coal recovery and provides 8 atm
gas thru injection of 0, and steam into the bed.

Some limitations of the fixed or moving bed gasification
process are that the coal must be in the form of lumps (5-20
mm), the coal must be of the noncaking variety or pretreated
to prevent caking, and various by oroducts are formed (tar,
phenolic compounds, licht oils., atc.) that must he ~n1'arted
and utilized or disposed of. In preparing the sized ccal
feed, fires are formed that can be burned in an auviliary
plant to gererate the steam and electricity requirements of
the process. Tar can also be burned or injected into the
gasifier at a point where the temperature is high enocugh to
gasify it.

In the fluidized bed gasification process, of which the
Winkler process is the main evample, foal or lignite is
ground to less that 15-mm practical size and introduced into
the fluidized bed through feed screws near the bottom. Steam
and oxygen are iniected near the bottom of the fluidized
bed. In contrast to the gradual increase 1in temperature of
the coal in the moving bed process, the fluidized bed is
essential’y isothermal (about 1000 Oc). Consequently, *there
ig neither tar nor other liquid bypnroducts, and <the gas
contains mainly H, and CO with less than 1'% CHy. A
substantial amount of ash is entrained in the gas stream.
The hot gas is cooled by waste-heat boilers and scrubbed to
remove ash and then ourified in a sequence of steps similar
to other processes. The process produces a char containing
8x-12% of the carbon in the feed. About 90% of this char is
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removed from the bottom of the gasifier in a dry state; the
remainder is recovered by wet scrubbing of the gas. This
char can be burned in an auxiliary boiler to supply steam
and electricity.

The Winkler gasifier is widely used to make producer gas for
industrial and domestic use, but few have been used for
ammonia production. Its advantages are that it will work
with almost any grade of coal or lignite and that it is
adaptable to high-capacity units. Disadvantages for ammonia
production are 1low pressure (1-3 atm), which increases
compression costs, and the ash content of the gas, which
requires an electrostatic precipitator for final cleanup.

Entrained coal gasifiers are typified by the Koopers-
Totzek(KT) and Texaco processes. Most of the present coal-
based ammonia plants (except in China) use the KT process.
The process 1is essentiaily a partial oxidation process as
are most coal gasification processes. One K.T. ammonia plant
based on coal gases is in operation since 1988 in Finland.

In the KT process coal is dried and finely ground to about
75% through 200-mesh (Tyler).The powdered coal is picked up
by streams of oxygen and blown into the gasification chamber
through two burners facing each other. More recently, four-
burner units have been used. Steam enters through annular
openings around the burners. The gasification is complete in
about one-tenth of a second at temperatures in the range of
10000-1200°C. Part of the ash is fused and removed from the
bottom of the gasifier, and part is entrained in the oas.
The gas typically contains 56% CO, 21% H,, 11% CO,, and less
than 0.1% CH,. After being cooled in waste heat boilers, the
ash 1is removed by wet scrubbing and electrostatic
precipitation. The remainder of the ammonia synthesis gas
preparation is similar to that described under »nartial
oxidation of fuel oil.

Disadvantages of the process are the need for fine grinding
of coal, operation at low pressures (1-3 atm), and higher
oxygen consumption than other coal gasification processes.

Texaco partial ovidation of coal has been proven at Tva in
the U,S .The plant was built , started ard shutdown on the
1970.

The Texaco coal gasification process is the rewest ore and
has not yet been applied to ammenia plants al+hough
evtensive development work has been done on “he gasification
process, and it will be used in *the TVA demonstra*ion
plant.(23)

The Tevaco process differs from the KT pracess in ~h3*t the
finely ground coal is mixed with water to form a thick
slurry containing about 45% water ovygen, into a gasifier
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which can operate at pressures as high as 180 atm. The
process as applied to ammonia production has been described
by Mitzer and Moe (24). In this case the gasifier is
onerated at 58 atm and about 13000C. Fused ash is guenched
to 10000oC by a combination of water and cool gas recycle. It
then passes through a waste-heat boiler and is cleaned to
remove soot and fly ash in a venturi scrubber. The sequence
of the remaining steps of synthesis gas preparation is CO
shift conversion, removal of H,S and CO, by Rectisol wash
(cold methanol), and 1liquid nitrogen wash. As in other
partial oxidation processes, the H,S is converted to
elemental sulfur.

A i £ lytic H

Several ammonia plants have been built to produce ammonia
from hydrogen that is produced by the electrolysis of water.
These plants have been located where low-cost hydroelectric
nower is available in Norway, India (Narngal), Egypt(Aswan),
Paru (Cuzco), Iceland, and Canada (Trail, 8ritish Columbia).
The technology of the electrolytic process has been
described by Mrochek and Grundt (27, 28) Purified water is
+he feedstock; potassium hydrovide is added to increase the
zonductivity, but it does not participate in the reaction.
Commercial cells vary somewhat in efficiency, but a typical
nower consumption is 4.3 kWh/ton of ammonia (28). Additional
anergy is required for an air separation plant to produce
the nitrogen required for ammonia production. Ernergy also 1
raquired €or compression of *the hvdroge» z2nd nitrcogen an
racirculatinn of the gas mivture through the cynthesie Yannp,
the tctal energv recuirement ig about 10,200 kWh/ton of
ammonia. This erergy 1is equivalent to about 8.2 million
kcal/tor of ammonia, which is about the same as for ratura?
gas-based ammonia plants. However, if fuel were used to
generate electricity, nearly three times as much thermal
energy would be required since the efficiency of conversion
of thermal energy to electrical energy is seldom more than
38%.

[» N7/)

Dernora claimed to have a cell operation at about 20 atm.This
would make ammonia electrolytic ammonia more competitive

The process qgenerates one volume of ovycen ner two volumes
2¥ hydrogen or about 0.7 ton of 0Q,/ton of NHa; thus, a
rredit for byproduct ovygen can be takern if there is a use
far it, For evample, the ovygen-can be used in an iron and
z+2e’ dinductrv, A4 emall additional amount of ovycen would be
2vailahla froam the air separation unit, Another notential
pupradost dig heavv water fdepterium ovide, Ds0., The hydrogoen

¢ 2lectrplvzed more ragicdly %han its isotope, derterium,
*rus, *he corcertration nf D,0 in the e'ectrolyte builds up
and can be recovered at a rate of 70 g/ton of MNH, (28),

S0
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Heavy water is used in some types of nuclear reactors.

The bulk of the investment cost for an ammonia plant based
on electrolytic hydrogen is for the electrolyzers. One Norsk
Hydro electrolyzer with 235 cells with have a capacity
equivalent to about 3.75 tpd of ammonia although smaller or
larger ones can be built. Larger plants normally use a
number of identical electrolyzers; for instance, a 200-tpd
plant would require about 53 electrolyzers in operation.
Extra units usually are supplied so that some of the units
can be shut down and cleaned without interrupting or
decreasing ammonia production.Since the electrolytic process
does not produce CO, ammonia cannot be used to make urea
unless Co, is available from another source. It can be used
to make ammonium salts (sulfates, phosphates, or nitrates),
or ammonia can be applied to the soil directly either in the
anhydroue form or in aqueous solution chapter X).

Since the desired capacity of the electrolysis plant is
obtained by installing the required number of units, there
is little economy of scale.

The cost of bproduction of ammonia by the electrolytic
process is not greatly dependent on plant <ize but, of
course, it 1is strongly dependent on the cost of
electricity,. Thus, if 1low-cost electricitv is available,
the electrcliytic plant would be competitive with plants
ucing other processes, particularly for small plants,

A particular advantage in develnping countries would be th
fact that ammonia production from elactrolytic hvdrogen is
much simpler orocess than those using other feedztocks,

M D

Hydrogen 1is also produced as a byproduct of elactrolyti=z
production of chlorinre and caustic soda, and several csmall
ammonia plants have used <+this byproduct for ammonia
noroduction either as the only feedstock or as a
supplementary socurce. The amount of hydrogcen available from
chlorine-caustic plants is too small to supoly a significant
portion of the ammonia needs in most situations.

ECONOMICS OF AMMONIA P TION
Capital Requirements
Since ammonia production is highly capital ‘ntersive, it is

aspecially important that the es*timated or assumed capital
cost be as accurate and realistic as pessible, Wken the

vrocess, feadstock, and 'ocat‘on have been gelected, an
accurate =stimate cf the capi+tal regquirements car te marde
although even then the actua’ cost often evceeds “+he
es*imate bv a suhgtantial amaynt or less froguent’v, ds

ege *han tre estimate,

—
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For the purposes of this manual, no specific locations will
be assumed and, therefore, investment cost estimates
illustrate only an order of magnitude. It is hoped that the
estimates will be useful as a guide, particularly for
comparative purposes, to indicate the effect of such factors
as location, choice and borice of feedstock, scale of
operation, and percentage of capacity utilization on
production costs.

Ammonia plant construction ccsts increased sharply in the
period of 1967-74; the 1967 UN manual shows a battery-limits
cost of about $11 million for a 900 tpd natural gas-based
plant at a U.S. location (29). A similar plant was estimated
to cost about $50 million in 1974 (13). Since 1974 cost
increases have been minor; a 1978 estimate was about the
same ($50 million), implying that cost-saving techniques in
the ammonia plant engineering and construction industry have
offset rising labor and material costs (30).Today’s estimate
are around %150 million and the plants are claimed to be
much more efficient. However, it is unlikely that greater
efficiency will continue to offset rising construction costs
in the future.

Types of Estimates: There are three common types of
astimates which differ in what they include. The most common
type is for a "battery-limits” plant, which consists of the
nrocess equipment erected and ready to operate when supplied
with specified -feedstock and vutilities. There 1is some
variation in what facilities are included in the battery
Timits; for instance, <cooli-3 towers for recirculatirg
cooking water and facilities for boiler feedwater treatment
may or may not be included. In nartial oxidation processes 2
senarate bhoiler for genera*ting c*eam and (often) e ectricis,
i g incuded; whereas, in steam-reforming processes,
sufficient steam 1is generated in the process to supply
process needs for steam and mecst of the mechanical energy
but not electricity. Thus, a battery-limits estimate should
have a defini*ion of what is or is not included.

A "turnkey” plant estimate includes not only the battery-
limits unit or units but also all supporting and auxiliary
facilities necessary for plant operation. It may include
roads and railroads within the plant; distribution cvstems
for electricity, water, compressed air, and fuel: offices
laboratories; site preparation, storage €or raw ma*erizls
and products; maintenance shoos, etc, Usually it 4

include roads or railroads leading to %he plant, &
thare maybe considerable variatiorn in what g
depending on the plan* site. A"green fiold” or "gr
location 1dis ore whereas, an addition tn an -
arnductior facilitiee, "Site npreparatian” roguiramarte sro
Tikely to vary widely denendirt nn lozcaticn, Tnr ‘natanc
marchy 1ocation may recuire landfi11 and niling, wheres
moun*tainous loca2tion may recuir-e evtensive aarth and -~~~V
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moving to create a reasonably level plant site.

A "project cost” estimate includes the "turnkey"” plant plus
additional expenses such as a feasibility study; training of
operating, maintenance, and supervisory personnel, startup
expense, interest on money spent during construction, and
working capital. In developing countries the project cost
may include training of marketing personnel and many items
of infrastructure such as roads, railroads, harbors, piers,
and waterways; housing, recreation, cultural, and religious
facilities for employees, guest house, commissary, etc.
There 1is some question as to whether all of these
improvements in infrastructure should be charged to the
plant operation since the generally contribute to the
development of the country and the welfare of its people.
Housing, for example, usually is at least partially self-
supporting from rental to employees. Transportation
infrastructure often is utilized for many purposes not
directly connected with fertilizer production.

In the present diccussion, investment costs will be based c¢n
the battery limits cost for zan 1industrial lscation in a
developed courtry. To arrive at the total cost, 50% of the
batterv-1imits cost will be 2added except when otherwise
stated,

In the last 15 years process designs have been developed and
gradua'ly improved fcr ammonia production by steam reforming
of natural gas, nanhtha, and other 1light hvdrocarbons in
nlants using cenrtrifugal compressors. Standard designs have
evolved for three capacities—-550,900-1040, and 1360 mt/day
1600, *NON-1150 an~d 1500 short tons/cday).

The great maiority of new plants built inm the last decade
have been designed for one of these three capacities even
though the capability exists for design of plants using a
centrifugal compressor over a range of 270 to 2,700 tpd. The
majority of new plants built or ordered in the last decade
have been 1in the 900-1040 tpd <capacity range. Since
development costs have been spread over a larger number of
plants, the 1investment cost 1is lower per annual ton of
capacity, and this capacity range is generally regarded as
the economic optimum scale in most caces. A capacity of 550
tpd usually is regarded as the economic minimum scale for
plants using centrifugal compressors, and plants of this
size are selacted when the market is limited or when the
amount of available feedstock is limited. The 1,360 tnd size
is sometimes used in locations where site development costs
are high, <he tntal proiect cost may be lcwer per annua’ ton
of capacity. However, 1in some cases where site develodment
costs are highk, it may be preferable +to 'ocate “wo dr more
smaller nlants at the same site 2as has been done in
Indonegia and Scouth VYorea, for example,
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Relatively few plants have been built to produce ammonia by
partial oxidation of heavy oil or coal, thus, process and
equipment design has not been standardized to the same
extent as for steam reforming processes. Therefore, there
i$ no reason to sutppose that 1,000 tpd 1is an economic
optimum for these processes. In fact, there is some reason
to believe that the economic optimum scale may be higher for
oil-and coal based processes. For example, Supp implies that
1,600 tpd may be near optimum for ammonia production by
partial oxidation of heavy fuel 0il when the market is not a
limiting factor (18).

For the purpose of further discussion, an investment cost of
$110 million will be assumed for 1,000 tpd battery-limits
natural gas based ammonia plant located in an industrial
site such as the U.S. Gulf Coast, and a total turnkey plant
cost of $165 million will be assumed for the base case. This
is l1ine with recent estimates obtained from a renowned
engineering /construction company the total plant cost
includes ‘land, product storage, site preparation and
auxiliary and support facilities(3t1).

The usual assumption that total plant cost is 1.5 times
battery-l1imits cost does not seem appropriate in the case of
plants larger or smaller than 900-1,040 tpd because of the
unusual relationship between battery-limits plant costs and
capacity. For the purposes of the present estimate, *the 50%
allowance for additional plant costs will be applied only to
the base case (1,000 tpd) fcor other plant sizes *he
additional plant costs will be assumed to vary as the 0.6
power cof the capacity. This assumption leads %2 the
€011lowing total plant costs;

ESTIMATED TOTAL PLANT COSTS
Feed SapbbaiCas Batterys$1Nn28) Tot81(EnM<a88=d

Working capital will not be included, but an allowance of 5%
will be made in the operating cost estimate for
"administrative and miscellaneous” cost which 1includes
interest on working capital.

The factor for naphtha-based plants presumably can be
applied with some degree of confidence to standardized nlant
sizes (550 and 1,260 tpd) that are lower ancd higher *han the
base case.

It shcould be emphacized that the investment estimates are
nst total orciect crosts, Some items that the ectimates do
nct include are:

1, €scalatinsrn ~f crets beyond 1292,

2. Tnterest on ~2rital during conmstruction,




Feasibility studies.

Training programs and other startup expenses.

Contingencies.

Bideeliron pomdrogeheamtibonelemidpt in the case of plants

. Emergency electric-generating facilities to serve as
backup for regular power supplies.

8. Import taxes or custom duties.

9. Any unusual expense to ensure water supplies such as

dams, reservoirs, long pipelines, or desalination of

backup for regular power supplies.

~NOO AW

8. Import taxes or custom duties.

9. Any unusual expense to ensure water supplies such as
dams, reservoirs, long pipelines, or desalination of
seawater.

10. Infrastructure such as housing, roads, or railroads
outside the plant, harbor improvement:; piers, jetties,
airport facilities, etc.

11. Unusual site preparation expenses.

Producti I | Gate Sale Price Estimaf

The following simplifying assumptions are macde to arrive at
comparative estimates for production costs and gate sale
prices.

1, Labor costs--$23.98/man-hour for operating labor only.
fringdvbehefidts108%c. of labor, includes administration,
3. Chemical control --20% of laber, includes 1laboratory

personnel and sunnlies.

4, Miscellareous supplies--$1.50/ton.
5. E'ectricity--$0.036/kWh.
6 Cooling water --%$0.0164/m3 on a once-through basis

(actual requirement may be about 5% of once through
requirement when recirculation through cooling towers 1is
used.

7. Boiler feedwater --$0.60/m3.

8. Depreciation --5.67% of plant cost (15-year straight
Tine).
9, Maintenance--3% of plant cost, including laber 2and

materials.
10. Taves ard insurance--2% of plant cost per year.

11, Interest--4% of plart cost per vear whkich may be v eyed
as 8% interest on one-half of plart cog+t,

12. PReturn on investment (ROTV--10% of plant cost/vear with
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no provision for income taxes.

13. Administrative and miscellaneous costs--5% of the total
of other production costs, which include allowance for
interest on working capital, startup expense etc.

The base case for 1,000 tpd ammonia plants will assume the
following conditions;

Fuel and Feedstock Heati?g)Va1ue Cost, $/Unit
(LHV) (Base Case)

Natural gas 10471 kcal/m3 0.078/m3

Naphtha 10,290 kcal/kg 185/t

Fuel oil 9,722 kcal/kg 86/t

Coal 6,100 kcal/kg 38 /t

fa), Low heating value (LHV)

Fuel and Feedstock Reauirements per Ton of NH,
Guantity--Million-keal---ecest;5--—--

Natural gas 1,421 m3 7.37 54.90
Naphtha 7.45 ¢ 8.56 132,09
Fuel oil 8.56 t Q.2 75.72
Coal 0.66 ¢ 2.2, 57.31
a From reference f12)-———cmmmmmmmm 1!

For the base case, a 1,000 tpd plant operatirg at about-90%
capacity (300,000 tpy) using natural gas at $ 0.078/m3, the
estimated production cost is about $162/ton of NH, and the
gate sale price is $217.8 (see table 6).

For comparison the world market price is t $100-105/ton of
NHa (Fertilizer Market Bulletin (FMB) March 1992). This is
much higher than the estimated production c¢ost but
considerably lower than the estimated gate sale price. Some
factors that might lead to a price lower than that estimated
in table 5 gre (1) the average feedstock price may be less
than $0.53/m~ (2) the return on investment may be less than
‘0% and (2) majority of plants were built at a time when
2lant construction costs were lower than at present ancd are
rartially cdepreciated. thus *he capital investment is lower,
T+ will be noted that capital related costs are about 29% nf
tha oroduction cost and 49% of the gate sale price.

Urn€nrtunately, Jow cost natural gas s available onlv in
remote locations where construction costs are high., A grass-
rco*e nlant in an industrial location of a developed courntry
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is estimated to cost $165 million (base case), whereas, the
same plant in a developing country is likely to cost 25%-50%
more. Perhaps more importantly, it is usually necessary to
provide more auxiliary and supporting facilities, since
services and supplies that are readily available 1in
developed countries may be unavailable. Also, infrastructure
improvements are likely to be needed, it may be debatable
how much of the infrastructure improvements should be
charged to the plant. However, the fact remains that the
nlart could not function efficiently without them.

TABLE 6 ESTIMATED PRODUCTION COST AND GATE SALE PRICE OF
AMMONIA FROM NATURAL GAS.

FEEDSTOCK: NATURAL GAS
CAPACITY: 1000 tpd, CAPACITY UTILIZATION: 90%
ANNUAL PRODUCTION: 300,000 tons

LOCATION: U.S. GULF COAST

PLANT COST: 165 $ MILLIONS

item Quantity Unit price, $ $/ton of NH3
Natural gas (7.37 Geal) 704 Nm3 0.079 55.62
Catalyst and chemicals 260
Miscellanea, supplies 1.50
Steam export (0.49 Geal) 0.65 mt 7.74 (5.06)
Electricity 33 kWh 0.036 1.19
Cooling water 177 m3 0.0164 290
Boiler feed water 1.43m3 0.6 0.86
Labor 0.176 man-hows 23.98 4.22
Qverhead 100% of labor 422
. Chemical control 20% of labor 0.84
Maintenance 3% of plant cost 16.50
Taxes and insurance 2% of plant cost 11.00
Depreciation 6.67% . 36.68
Interest 4% 22.00
Subtotal 155.07
Adm. and misc. expense 5% of subtotal 7.75
Production cost 162.82
ROI, 10% 55.00
Gate sale price 217.82

Note: effective heating concumption 7.37 - 0.49 = 6.88 Gcalfton of NH3
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Whatever the reasons, it 1is not uncommon for the total
project cost in a developing country to be twice as much as
in an industrialized developed country.

The previous comparisons have been based on a capacity
utilization of about 90% (annual production 300 times daily
rated capacity). Some plants have achieved several-year
records of 100X capacity utilization, which is generally
assumed to be 330 times daily capacity, or even higher, but
many plants do not attain 90% annual capacity utilization
for a variety of reasons such as interruptions in feedstock
supply, lack of market demand, or technical difficulties. In
particular, many ammonia plants in developing countries have
operated well below 90% of rated capacity even when
fertilizer was in short supply. There are some outstanding
exceptions, and the average for developing countries is
improving.

Since ammonia production is highly capital intensive, the
percentage of capacity utilization has an important effect
on production cost and profitability.Operating 2t 100%
rather than 90% of capacity would decrease the procduction
cost and the gate sale price.However, operating at 75%
rather than 90% capacity would increase the prcduction cost
and the gate sale price For higher cost plants, the effect
is larger. Thus, the advantage of locating a plant where
Tow-cost feedstock is available can e lost by a ccmbination
of higher capital cost and lower capacity utilization.

Even though minimizing the capital! cost
should not be done at the expense of reliabi
extra money spent n imsroving nlant rels
repaid 1in improved capacity utilization. lower grcducticn
cost, and greater profitability. In locations where
feedstock costs are low, some saving in capital! costs <zan be
made by less elaborate heat and energy recovery facilities,
The extra equipment that is required to improve efficiency
is 1important when feedstock costs improve efficiency is
important when feedstock costs are high but much less
important where low-cost natural gas 1is available. 1In
addition, the extra equipment terds to comrmplicate plant
operation and increase maintenance cost. Some ntrer means
for reducing capital costs are (1) choose a stardard design.
(2) select reliable and zapable contracters. ard (2)
minimize constFfuction time.

is impertant, it
lity. In general
ahility wil171 ho

The choize of feedstcck affect
i+ affects plant cost, as' previous’v discusced, by
influencinrg raw material cnsts and cther ~perp+s

Tre choice of feedstock may also affect oiart re’ ahi-sv
although there are no pref~sn data nn thig :ﬂ‘nt. nas
nlants have a poor cord for reliabilit

aroduction rates up to 90% n¥ capacity have heen reported.
If production of ammonia from coal becomes popular, it “s




likely that equipment design will be improved and
standardized so that more dependable operation can be
expected.

Estimated production costs and gate sale prices for a 1,900
tpd ammonia plant located in a developed country using
naphtha, fuel oil, and coal are shown in Table 7, 8 and 9

TABLE 7 ESTIMATED PRODUCTION COST AND GATE SALE PRICE OF
AMMONIA FROM NAPHTHA

FEEDSTOCK: NAPHTHA
CAPACITY: 1000 tpd, CAPACITY UTILIZATION: 90%
ANNUAL PRODUCTION: 300,000 tons
LOCATION: U.S. GULF COAST
PLANT COST: 188 $ MILLIONS

kem Quantity Unit price, $ $/ton of NH3

Naphtha (7.45 Gcal) 0.724 mt 185 133.94
Catalyst and chemicals 347
Miscellanea, supplies 1.50
Electricity Self sufficient 0.036 0.00
Cooling water 203 m3 0.0164 3.33
Boiler feed water 1.18m3 0.6 0.71
Labor 0.196 man-hour 23.98 ] 4.70
Overhead 100% of labor 4.70
Chemical control 20% of labor 0.94
Maintenance 3% of plant cost 18.80
Taxes and insurance 2% of plant cost 12.53
Depreciation 6.67% 41.80
Interest 4% 25.07
Subtotal 251.49

Adm. and misc. expense 5% of subtotal 12.57
Production cost 264.06
ROI, 10% 62.67
Gate sale price ' 326.73
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TABLE 8 ESTIMATED PRODUCTION COST AND GATE SALE PRICE OF
AMMONIA FROM HEAVY OIL.
FEEDSTOCK: FUEL OIL
CAPACITY: 1000 tpd, CAPACITY UTILIZATION: 90%
ANNUAL PRODUCTION: 300,000 tons
LOCATION: U.S. GULF COAST
PLANT COST: 264 $ MILLIONS
ftem Quantity Unit price, $ $/ton of NH3
Fuel ol (8.56 Geal) 0.68 mt 88 75.68
Catalyst and chemicals 0.90
Miscellanea, supplies 1.50
Electricity Self sufficient 0.036 0.00
Cooiing water 270 m3 0.0164 4.43
Boiler feed water _ 1.45m3 0.6 087
Labor 0.264 man-hour 23.98 6.33
Overhead 100% of labor 6.33
- Chemical control 20% of fabor 1.27
Maintenance 3% of plant cost 26.40
Taxes and Insurance 2% of plant cost 17.60
Depreciation 6.67% 58.70
interest - 4% 35.20
Subtotal 235.21
Adm. and misc. expense 5% of subtotal - 11.76
Production cost 248.97
ROI, 10% 88.00
Gate sale price 334.97
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TABLE 9 ESTIMATED PRODUCTION COST AND GATE SALE PRICE OF
AMMONIA FROM COAL

FEEDSTOCK: COAL
CAPACITY: 1000 tpd, CAPACITY UTILIZATION: 90%
ANNUAL PRODUCTION: 300,000 tons

LOCATION: U.S. GULF COAST

PLANT COST: 330 $ MILLIONS

ftem Quantity Unit price, $ $1ton of NH3
Coal (9.2 Geal) 1.508 mt 38 §7.30
Catalyst and chemicals 0.90
Miscellanea, supplies 1.50
Electricity 372 kWh 0.036 13.39
Cooling water 247 m3 0.0164 408
Boiler feed water 0.06 m3 0.6 0.04
Labor 0.508 man-hour 2398 12.18
Overhead 100% of labor 12.18
. Chemical control 20% of labor 2.44
Maintenance 3% of plant cost 33.00
Taxes and Insurance 2% of plant cost 22.00
Depreciation 6.67% 73.37
Interest 4% 44.00
Subtotal 276.35
Adm. and misc. expense 5% of subtotal 13.91
Production cost 2%0.268
ROI, 10% 110.00
Gate sale price 400.26

It is probz9lv nct realistiz to assume *that a coa’'-bassad
ammonia £la2nt can be operated at the same rercentace of

rated capac‘ty 25 a natural
+his factor srould bhe taken
not enough evierience with

what average capacity utilization

gas or naphtha based plant, anc
intn account. Fowever, thare is
cnal based plan*ts to estahlish
an he evpacted, TIF Gt

~an
were assumed that ke coal-tased p'ant woulld 2perate 27 20
average capacity utilization of 10% ‘'ess *than a 3as base”
(80- versus 990%, Tor evamdle), *he production cost a~c *the
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gate sale pricedifferential would be increase.

It seems unlikely that coal-based ammonia plants using
present technology can produce ammenia at or near the world
market price. In the past, coal-based plants have been built
in situations where coal was the only indigencus feedstock
and where the advantages of domestic production (security,
foreign exchange savings etc.) outweighed the higher cost.
In the future, some developed countries may undertake
ammonia production from coal as their natural gas supplies
become exhausted, particularly if improved technology
becomes available.

In developirg countries as a group, natural gas reserves are
equivalent to 1360 yrs’ use at current production rates (6).
While the procduction rate is increasing, more reserves are
being discovered. Moreover, gas and 0il reserves seem to be
more widely distributed than coal; 70 countries including 45
developing countries reported reserves of natural gas or
petroleum or bSoth, while only 19 countries including 5
developing countiries reported coal reserves. It appears,
tharefore that natural cas is litely to be the dominant
feedstock on a worldwide basis for the remainder of the 20th
centuryvy, nrobably well into the 21st century, and possibly
throughout tha 21st century depernding on the rate of
discovery.

Economics of Small-Scale Ammonia Plants

Evaluation of the eccnomics of =2mall ammonia glants (1030-
tod}) is difficu’t hezcause relatively few cf them have b

built in recent vears and because *heir advantaces depend on
specific congditinng thegt are har?d +o ceneralize, ¢
sityations in whch a small plant can be corsidered are;

1. When there is a Tocal market that would be difficult or
expensive to supplv from larger, distant gaints.

2. when the location is such that it would be difficult to
transport large h“eavy eaquipment to the plant site or to
erect it. :

2, vher <%rtere s a Tlimited supply of feedstock a*+t a
favorabhle cost, such 25 a small pocket of natural gas or 2
smal' supply of btyproduct hydrogen.

Assuming that <+he zapital cost of a 200-tpd plant is 40%
greater per tor 0f capacity than that of a 1,000 tpd plant,
the canital relatad productiorn costs would be about $27/ton
greater, using *he stancard method 2f calculation used in
this chapter, This cnst differentia’ cou’d reacdily be o0ffset
by Tower-cogt feedstock, more reliable supply of feedstach,
an savings “n irport or distribution cost.




® 00000020 C0COOOPQSDPINO®OCE OOPOOCOOEOTP ™" O0COSCO0O0O0O0C0GCGEOGEGEOS

There have been numerous proposals for small ammonia or
ammonia-urea plants in developing countries, esnecially for
remote countries of remote regions of larger countries. For
example, Snamprogetti has proposed 150-tpd intearated urea-
ammonia plants (see chapter IX) and estimated that 10 such
plants would cost about 46% more than one 1,500-tpd plant
(35). However, it was estimated that the delivered cost of
the urea at the farm level would be substantially less.

A proposal for numercus small plants rather than one large
one would involve the auestion of feedstock supply. There
are not many countries where feedstock is available at a
large number of 1locations. However, the feedstock problem
could be solved if processes for production successfully on
a scale sufficiently large for a small ammonia plant.

Small ammonia (and wurea) plants are available in a
standardized design consisting of skid-mounted preassembled
units that can be set up and connected with relatively
little on site construction labor (36). Thus, the
construction time can be cuite shert, As a result, there is
less interest on capital cduring construction. In addition,
shortening the period from inception to completion would
help to minimize the uncertainties that are inherent in
long-range nlanning.

Maintenance costs for small alanrts could be minimized by use
of a standardized design with interchangeable spare parts so
that spare parts could be quickly obtained from a central
location.
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