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TECHNOLOGICAL FROFILE ON MINI FERTILISER PLANTS

1. INTRODUCTION

1.1 Global review of fertilizers

A review of world agriculture during the last 20
vears reveals minimal expansion of cultivated land and a
30 per cent increase in world population. Foad supply
per head has i1ncreased by five per cent since 1961. But
regional disparities e#ist. Productivity in develaped
countries, whare consumers have accepted high food
prices, has been tonsistently high. In contrast,
although some spectaacu:iar results have been achieved,
production in 70 per cent of developing countries has

been 1nadequate.

The FAOD states that the world bhas the potential
to feed a population of 4.2 billion in the vear - 2000
moderately better than 1t ted 4.4 billion in 1984, It
alsoc stated that lack of adequate food could be the

energy crisis of the 1994 's.

By the [<%9)°'s there will be 1uu million more to

feed s=ach sear,

Feeding =zuch  numbers meane that world +20d
nraduction amuzt e 1ncreased by 40 per cent  over the
next 195 vears. Develnnina roontriee will have o double
their tnord  production Just to keep pace with their

population arcowth,. What 14 this carnot be achieved”’ uUne




result will be that the numbers of undernourished and

starving will 1ncrease.

By the vear 0w, the numbers ot seriously
undernourished in the world could be as high as  $0G

million, the Far East and ~Rfrica being the worst hit.

In order to improve agricultural per+ormance to
the point of reaching food sel+ — sufficiency, crop

praoduction must be increased.

There are three ways to do this:

—~ ncrease arable land,
~ increase the harvested proportion ot that area,
- above all, increase vields from each unit of

land harvecsted.

The possibilitv of cultivating new land varies
from region to region, and only a quarter of the
raquired 1ncrease in crop production can come +from
growth in arable and harvested areas. The rest must come
from wmore 1ntensive use of wisting land, through

tncreazed 1nput: and 1mproved managemen'.

Fertilizerz are aenerally considered the k2v 1nput

tn agricoliurae and rond production. Several i1ndependent
estimates sungest bhat, 1in the atsence o+ fertailicers,
auipected crop vielids caould he halvea. Efrects on

agricultural output would qo farther than this, because

»




fertilizer use2 is now an essential component of +arming

systems.

Consumption of the principal fertilizer nutrients
- Nitrogen, Fhosphate and Fotassium - has rirsen
sixteenftold in the last 40 vears - +rom 7,5 million tons
in 1945746 to 120 wmillion tons 1in 1984/35. This
corresponds to around 350 million tons product.

By 1980, develaoped countries were using, on
average, 127 kg of nutrients per hectare, whilst
deveioping countries were using some 31 kg. Even within
developinyg countries there are wide differences 1in
application rates. For example, in Latin America it
is 42 kg, while in Africa the average rate is only eight

kg per hectare.

Clearly, considerable potential exisvs worldwide
to 1increase fertilizer application rates. Inieed, in
order to double food production by the year 2000 (FAD
target’, up tao 75 per cent of which must come from
higher vields, developing countries must use more and

better fertilizers more e+ficiently.

Forecaste bv the UNIDO/FAD/World Bank Joint
Working Group on Fertilizers and by the industr., itsel+#
sugaecst, that over the next ten vyears, rfertilizer
nutrient conzumotion  will grow at an annual rate of

Botween thres ond four per cent.




These forecasts represent percentage increases of
40 per cent for Nitrogen, IZ per cent taor Fhaosphates and
35 per cent for Fotacsh, for the periad 1784 to 1595. The
FAD believes that fertilizer consumpbtion growth rates
will have to be maintain=2d through to the year 2000, and
even increased, if the world's regional food production

targets are to be achieved.

The correlation between population trends and
Nitrogen use tends to support this FAO statement Fig.
i. The 1increasing world population and the increasing
world nitrogen use aver the last 20 vears or so have
been so clesely and linearly related that population
levels alone can be used to help determine future
nitrogen 'demand. I+ this trend line 1s extrapolated to
the estimated population of 6.2 billion in 2000, 1t
indicates a Nitrogen use, in that year, of more than 120

million tonnes.

WORLD NITROGEN CONSUMPTION (MILL. MI.N)
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A similar correlation seems to emerge from the
diagram on Fiag.2. between grain production and

fertilizer consump*ion.

SCALE: GRAIN MILLION TONNES FERTILIZER 100.000 TONNES
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Fig.2. WORLD CONSUMPTION OF FERTILIZER AND GRAIN
PROBUCTION

If, on a global basis, the juantity and quality of
food produced in Z000 is to meet FAD targets, more then
120 million tonnes of Nitrogen will be consumed -
possibly around 175 million. In short, this translates
tnto  a world wide i1ncrease in tertilizer consumption of
around 80 per cent aver the next 15 vears - an annual

consumption arowth rakte 1n ercess of five per cent.

Can kthe fertilizer tndustry meet this demand? Only
1f 1k builde plants at a present day cost of around 108

hilliron 1J30 =~ 54 billion LUSD for new capacity and 42

e

L0




billiaon

USD for replacement plants

and refurbishing.

This is the considerad opinion of industrwv experts.,

This would

an average capacity of 1000 ton/day

size for tadav’'s big plants,
industrialised and i1n those

the necessary 1nfrastructure,

experience exist. All other

have to pay in foreign exchange for the fertilizer

would use.

Another possibility 1is to

number of =small

plants (miniplants)

countries which do not

carrespond to around

situated
developing countries
feedstocks,

developing countries

build

200 plants with

ammonia, the usual

possibly in the
where
operational

would

they

a considerable

in the developing

have a big enough market, raw

materials and infrastructure for the big capacities.
The choice or rather the ratio between the
capacities to be realised through the building of big

plants and those implemented in +torm

depend on the .competivitv of the

developing countries would be willing
small fertilizer plants 1+ they could
this

15 the most

of miniplants will

miniplants. Most
and able to build
be convinced that

their needs and

economic way to cover

at the same fLime

gensral induvstrialisat:on
arfortz. ‘30 tha
importance tor the +uture

tndustry 10 the developing

khis zolution fi1ts 1n
and

question

well 1n their
technological development
of the si1ze 15 of paramount
devel opment of:the fertilizer

world.




1.2 Fertilizer plant size

Until the sixtieé. the tertilizer plants
considered éodav as the liower end af the miniplant
cateqory, represented the maxi.aum sizes realisable. a
single—-line ammonia plant with 209D tpd capacity was
beyond the reach of most companies 1in the fitties.
Technical develupments opened wide the doors before the
implement~tion ot huge single—-line plants. Some of these
devel opments, like the use of the steam turbine - driver
centrifugal compressors in the ammonia synthesis were
nét realisable belaow a rather high capacity (around 600
tpd by that time). The big units lowered the szpecific
investment costs, reduced considerably the consumption
figures and made possible the development of =n export
oriented industry 1ia the industrialised countries

situated mostly near sea ports.

In many ’ cases, the industrialisation of the
developing countries tried to +follow “his trend. Jumbo
plants were erected in remote locations uithcut adequate
infrastructure, industrial background, and logistic
facilities. In  many other developing countries, like
China, India and Mexico, the fertilizer 1ndustry started
with smailer units. Jdnly when the necessary skills and
superiences were acquired andg the 1nfrastructure
created, did the butiding of bi1g units begin, where the
market al lowed, Experiences of many new small plants
Dualh i Ehe andustrialiczed countries proved that the

zmall-capacity plant was st1ll needed.




At the .raquest o+ several

conterences,

consultations and export meetings, UNIDO prepared a

study: Minifertilicer Flant Frojects (UNIDO/IS.410,

Sectoral Stiidies Series NMNo.7. Mol., -2, This study

demaonstrated the wviability and importance of the mini
tertiiizer glants for the developing countries. it
shcwed, that although the specitic investment and the
factory gate production costs will be always higher than
those of a big plant in an industrialised country, the
landed casts of the fertilizer at the farm gate will be
competitive or lower, wha2n delivered from a miniplant
in the neighbourhocod of the agricultural market. Many
other factors contribuced also to the renaissance of the
miniplant concept. Scarcity of capital, mobilisation of
local resources, the much less demanding implementation,
operation and maintenance, the quicker realisation are
some of th2 advantages which point in favour ot the

small capacities.

The 103 billion dollar 1i1nvestment aentioned
earlier would certainly render futile all plans for an
adequate and sutficient food supply +or mankind, 1f only
big investment, mabilizing state and international

capital were possibl=2.

The wm21n auestion 1s: are there reliable and
proven technoiongies availaple for the miniplants which
couid be competitive: with the modern big plants. Is a
scale — doawn poe=sinle which would conserve the technical
and econcmies advantajles ot the processes and equipment

develaped for rme blg capaclties but at the same time

V)




simple enough for the often difficult conditions 1in

remote locations with poor infrastructural background?

In order to answer this question, let us first

review the structure of the fertilizer industry.

1.3 The fertilizer industry

The tertilizer i1industry has a very complex
structure. As can be seen from Fig. 3., there are
many routes leading to the end products, which
contain one or more nutrients. From this complex
structure, potash is omitted, since it is more a product
trom mining and beneficiation, and not an industrial
one. In the nitrogercous fertilizer +ield, only ammonia
and urea present real problems. All oathers have well
proven technological processes which are realised
constantly in developing and industrialized countries.
It 153 the same with the ophosphorous tertilizers. The
commun granulation technics wused for all fertilizers
however have also some special features from the point
of view of the miniplants., Therefore this profile
reviews the ammonia and urea processes and the

granulation technics only.

For the ammonia plant sizes from 100 to 350 tons
NHZ/day will be considered as miniplants with the

corresponding s1zes for the wurea production and

granulation,
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The nitrogen industry

While most raw materials occur 1in nature
bound in a compound faorm and must be separated tor
utilisation, nitrogen, a vital element of ali life,
is available in +free form in illimited quantitites in
the atmosphere. Living organiesms, Lhowever, with the
exception aof a few bacteria, can use only +fixed
nitrogen. Over every hectare of the earth, there are
77,000 tons aof free nitrogen, but to fix the amount
necessary for a qood crop on one hectare of arable land,
about 8 Gigajoules are necessary. So the problem of the
nitrogen fertilizer industry is really that of the
fixation of the atmospheric nitrogen, a big energy

consumer process.

From the various nitrogen +ixation methods
developed during the last century, today onlv the
ammonia route has industrial importance, and no change
in this respect is +oreseen in the near future. So
the ammonia synthecis is the bas- - step ot all nitrogen
fertilizer production. The ammonia thus produced is
further processed either to urea or to ammonium nitrate,
the two most popular fertilizers. ~Ammonium sulphate was
once widely wz2d, but 1 constantly losing ground.
Anmonium  bicarbonat= is a specific nroduct developed in

China for miniplants,

1t




History of the ammonia processes

For many vears ammonia was made in small units,
10-ZQ t/d, using coal - derived gas as the source of
hydrogen. With the development of catalvtic steam
reforming in the USA, natural gas began its rise to the
position of dominant feedstack. At first, plant sice
remained small and specific energy consumption remained
high. By the 19353°'s reforming pressures were rising but
it was at the beginning of the sixties that major
technolaogical breakthroughs were made in steam reformer
design, centrifugal compressors, large quench type
ammonia reactors and integrated steam and power systems.
Many of these +eatures needed large capacities and
before long the minimum size of integrat=2d plant was 600

t/d with the more normal capacity being F00-1000 t/d.

Apart from the steam reforming developments and
the 1introduction of low temperature CO shiftt catalyst,
most of the other catalysts were well proven. So the
advance was not led primarily by the chemistry, but by

the better mechanical engineering and meallurgv.

It was not unti1l the o1l crisis ot the md -
seventies, wnhich quadrupled the price of oi1l, that
improvements 1n the design ot CUOZ removal units, ammonia
swvnthesis loops and the inclusion of phvsical chemistry
developments ilitke crvogenic and membrane nydrogen
recovery led to the ne:t bi1g reduction 1n specific

enerqy consumption,




Since these large plants obtained a &-7 EA
reduction in energy consumption by raising steam at 126
bar compared with the normal refineryv practice of 4S5
bar, ammonia plant capacity generally settled out at 60U
to 1350 t/d tc make the best use of high pressure steam.
Ammonia plants of 1000-1500 tpd capacity were built in
developed countries using i1nexpensive natural gas or
straight-run naphta. The zmmonia or ready - made
fertilizer were 1in great part shipped to markets
situated usually far away. Low cost +feedstock, booming
fertilizer market, rapidly expanding industrial and
economic growth, low cost credits and investment - all
contributed to the world-wide concentration of the
ammonia production in big units and a highly developed
world market. FPraocess technoloqy was adopted to the
technical level o+ the 1industrialized countries and
gradually became more and more sophisticated. Highest
possible temperatures, pressures and severity were aimed
at in reforming, higher possible capacities in the whole
line. No wonder then, that when developing countries
with the necessary raw materials followed suit, they
ran into trouble. Serious delavs and cost overruns in
project implementation, low on-stream factors,
aperational troubles dereated the economic aavantages

hoped for.

Developing countries, having had smaller ammonia
plants before and thus passessing enough experienced
technical sta+t+ and expertise, tared much bLetter: when
the bigq wnits +ollowed Ethe asmaller plants mcere

gatisfactory records were o - eaved,




The oil crisis, the economic slump, the qeneral

shortage of foreign exchange, high transpaort costs
together with the problems encountered with the Jumbo
plants created a compietely new world market situation

both in fertilizer products and fertilicer plants.

In this new situatica, at the heginning of the
1980°'s, new trends have emergad 1n the nitrogen
tertilizer industry and first or all in the

manufacturing of ammonia:

~ the price of energy increased dramatically,
farcing the praocess owners to develop new,
energy saving processes, however this

technical innaovation has been directed towards

simpler, less sophisticated processes and
equipment, easier to implement and less
expensive to operate, and therefore more

suitable for several developing countries

- while natural gas, remained the most
suitable feedstock for ammonia production, long
range perzpectives as well as local conditions
imposed a ra2turn to the old methods of synthesis
gas production using other +eedstocks, like coal
or eiectrolvtic hvdrogen, where intensive R and

C work 19 under way

- the experiences of several developing countries
and the above factors focussed the attention on

the mini1-plant concept.
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Fraocess owners are engaged 1in an intensive
development activity aimed at the reduction of both the
investment costs and energy consumption. The individual
situations may differ but the general tendency is
simplification and some well known old methods are

being renewed.

The main tesrures of the new developments are:

— Reformer: low steam to carbon ratio, mild
reforming conditions reduce
considerably the heat load, and energy
requirements, simplify construction,
reduce investment. On the other hand,
less waste heat is available and a
higher methane leakage results. New
energy recovery svystems enter, e.g.
the new version of the old saturator -

debhumidifier loop.

- Gas purification: the higher methane content of
the primary reformer exit gas opens
two different routes: one
separates the hydrogen in pure form
by FSA e.g.’ and the other
components are used as tuel gas 1n the
primary reformer. Several puritication
steps are eliminated but pure nitrogen
13 needed. The second route uses
escess air in the secondary reformer

and after the normal purification




cryogenic separ3ation of the excess

nitragen =ither before or 1in the
eyntheesis loop. For CZ removal low—
energy processes (mainly physical

absorption) are used.

- Synthesis: New catalysts, canverter
constructions led to laower operating
temperature, pressure and pressure
drop, higher yield. Purge gas recovery
systems are used to improve energy
efficiency. Serious consideration is
given to ammonta separation by

ahsorption in water.

- Enerqy consarvation: Gas turbine, absorption
refrigeration, Rankine cycle are the
most frequently encountered methods to

"make the process more efficient.

e a result of the above general tendencies,
several new process schemes have been worked out. All of
them are well suitted in principle for implementation 1n
the developing countries and particularly for mni-
fertiitlzer plants, but only atter having been proven on

a comnmercial =s=cale.

So th

10}

g1tuaktion 24 the ammonia processes i1n the
mid eighties 13 the tollowing: several new flowsheets
have been worked out for the big plants and some of them

diready implemented commercirally. The 3pectacular

H {o




achievements of the big plants have considerally redueced
the 1interest of both contractors and 1avestors +tor
miniplants. The few miniplants realised in the i1ast ten
fifteen vears have at least SoOX% higher energy
consumption than the modern big plants and the specitic
investment cost is also much higher. The flowsheets are
derived from these of the sixties for big plants or even

older.

In the +ollowing chapter we worked out five
possible flowsheets specifically adapted for miniplants.
They are all composed from well known industrial process
steps and differ +rom the big plants mainly in
simplicity, ease of operation, less demanding process
conditicns and infrastructural requirements. Obviously,
all of them have therefore somewhat higher specific
energy consumpticn and investment cost than the most
modern big plants, but the production cost difference
is smaller than usual and allows competitive production,
when the farm—gate costs in to remote locations are

compared.

7




2. PROCESSES FOR MINIPLANTS

2.1 Process based on the ICI AMV Flowsheot (Fig.4.)

Natural gas from the battery limit 1s divided 1nto
two systems, feedstock and fuel. The teedstock is mixed
with a small quantity of recycled hydrogen from the
synthesis gas stream and the gas mixture is then heated
in the Canvection Section aof the primary re2former prior
to desulphurisation. The desulphurized gas 1is passed
thraough the Feed Gas Saturator, before being sent to the
primary reformer. Heat is supplied to the Saturator
using 43 kg/cmZ steam and by interchange with the

process gas between the two shift conversion vessels.

The temperature of the gas is raised to 480 deg C
by heating it in the furnace convection zone. The heated
mixture of natural gas, A2 and steam is reformed 1in
Frimary Reformer to produce H2, CO0, COZ, CH4 and steam.
Reforming occurs as the gas flows downwards through a
number of heated catalvst-filled tubes made of nickel
allov, exi1ting 2t the bottom of the tubes. Mild
reforming conditians i2x1t temperature below 300 C)

lower the enerqv consumption and prolong tube life.

The heat required +or the endothermic reforming
reaction 15 provided b.s owning fuel 10 a2 number of

purners,
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Fuel is provicded partly “rom waste gas +rom the
hydrogen recovery unit and partly from fresh natural

gas.

Caombustion air is pre—heated by exchange with hot

flue gas from the reformer.

Waste heat is recovered from the flue gas leaving
the Primary Refaormer radiant box by means af the

following coils located in the convection section:

High Pressure Steam Superheater
Reactants Freheater

Combustion Air Heater

Reformed gas from the primary reformer enters the
top section of the Secondary Reformer where it 1is
blended with process air in a ceramic mixer section
above the catalyst bed. The guantity of process air
added is controllsd to give the desired CH4 content 1n

the exit gas.

For +thar purpose 2xcess air has to be introduced
over the ruantity needed for a HZ/M2 ratio of Z:1 1n the
synthesis gas. Thie excess will raise the nitrogen

content, which musk be eliminated 1n the synthesis loop.

g

Grvgen 1n the2 air r2achts with some of tne reformed G2s.

Thi1s qgenerates 2a hi1gh temperature and nro.wi1des the heat
tor further endothermic reforming oOf rhe residual

natural gas as khe gas passes down through the catalyst

bed which 1t l2aves at aoout 34 barems and 9IGC deqg C.




Filtered process sir is delivered to the Secondary
Reformer by a gas turbine driven compressor. The exhaust

gas from the gas turbine 1s used ror st2am raising.

The secondary reformer is a rerractory lined

vessel with an external water iacket.

The reformed gas is cooled in Waste Heat Boiler

before entering the CO shaitt section.

Cooled reformed gas enters the CO shift section in
which the CO content of the gas is reduced to a low
value by reaction with steam. The exothermic reaction
takes place in two stages with heat removal between the
stages. In the first rea&for, the HT {(High Temperature)
Shift Converter, the bulk of the CO is converted at a
high temperature over an iron oxide based catalyst. In
the second reactor, the LT (Low Temperature) Shift
Converter, the final CO conversion takes place over a
copper based catalyst at a lower temperature. The CO
Shi+t reaction equilibrium is favourea bv l1ow

temperature.

The gas =tream between the two shift reactors 1s

cooied in the Saturated lWater heater.

In thiz exampls the COZ removal 1= made by means

L
.

of the Benfield lLo-Heat process. ‘Fiq.
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Thas is an advanced activated hot carbonate
process which derivas part of its regenerat£on reboil
heat from the make qas 1£self. and the rest from low
pressure live steam. The praocess also allows mast of the
COZ to be recaoverad in a condition suitable for urea
manufacture. BASF MDEA uses a different arrangement. Any

other process can be also used instead.

Gas from the CO shift section 1s cooled first 1in
th2 Make—up Water Heater and then in the BEenfield
Reboiler. The cocled gas enters the base of the CO2
ébsorber where it is washed by a counter current stream
of carbonate solution. The column contains a number of
packed beds. The top is fed with a cooled part of the
lean carbonate solution, ana the mid-point with the
remaining semi-lean carbonate solution uncooled. The top
of the lower 1s fitted with wash trays irrigated with
BFW. Washed gas leaves the top with a COZ content of 0.1

mol %. The gas passes to the methanation section.

Rich carbonate solution +rom the base o+ the
absorption column flows to the top of the Carbonate
Regenerator via a power recovery turbine. The solution
flashes on entering the regenerator and then flows
downwards owver packed beds against a flow of =z=tripping
steam. [.2an carbonate solution is flashed to a reduced
pressure 2and pumped back from there to the RAbsorber via

the motor and hvdraulic turbine driven carbonate pumps.

Gas from the C0Z removal section 13 treated i1n a

conventional methanating section. The gas 13 heated




in the Methanator Interchanger before entering the
Methanator. The gas passes over the catalyst and the CO
and CO2 react exothermally with H2 to give CH<& and HZ2Z0.
Residual carbon oxides at the outlet are iess than 2 ppm
vw/v. The hot gas is cooled with <feed gas in an
exchanger. The gas i1s then further cooled by water, and
then chilled before going to the Syngas knock Out Drum,
where condensed water is taken out and rejected. The gas

is then dried in the Syngas Dryers. Recovered hydrogen

from the loop is returned at this stage.

The dried gas goes to the Syngas Compressor. A
small part of this syngas is recycled to the natural gas
feed stream before hydrodesulphurisation. The rest is
fed into the synthesis loop upstream of the NH3 Loop

Circulation Compressor.

Ammonia is synthesised over an iron based catalyst
at a pressure of about 85 bar. The synthesis reaction is
exothermic and the catalyst 1is arranged in a number of
stages with inter - stage cocling to keep the gas in the

optimum temperature range.

Only a portion of the synthesis gas 1s converted
to ammonia on each pass through the catalwvst beds, so
the unconverted agas 1s zeparated by cooling and
condensation of khe ammonia as a ligquid, and recycled to

the catalyst together wikh the tresh make-up gas.




Fresh make—-up gas enters the synthesis laop at the
suction side ot the steam turbine—-driven Loop
Circulator. The gas discharged is heated in the Hot
Interchanger by exchange with converter eftluent gas and
then flows to the NHI Converter. @A portion of the feed
gas enters as quench gas for temperature control of the
inlet to the second of the catalyst beds. The . emainder
cf the feed gas is then heated to reaction temperature
in an internal heat exchanger by exchange with hot gas
leaviag the second catalyst bed. The preheated feed gas
then enters the top of the tirst catalyst bed. Hot gas
leaving the first bed 15 quenched with cool feed gas and
enters the top of the second catalyst bed. Hot gas
leaving the second bed 1s cooled as it passes through
the external exchanger. From the external exchanger the
3as passes to the third catalyst bed which 1is an

adiabatic reactor without gquench gas addition.

Hot gas leaves the converter and 1is cooled
successively by exchange with BFW, converter feed gas,
recycle synthesis gas, and boiling ammonia refrigerant
in the chiller. Liquid ammonia is condensed from the gas
and separated. Unconverted gas 1t recycled to the

circulator via the interchanger.

Refriagaeratinn  for the chillers 1s provided by an
indireck  ammonia refrigerant cvcle. The cycle has two
avaparation opressuares and #s driven bv a two - staqe
reciprocating compressor. Ammdnxa vapour 1s condensed by

coanling water and collected in the Fefrigeration

Receiver.




2.2 Process based on PSA gas purification (Fig.6.)

This scheme represents the technoiogay of no
particular l!icensor and should ke generally avaiiable
from @mast experienced contractors. Hawever an ammonia
converter capable of achieving the desired performance
1s necessary. It 1s anticipated that Amaounia Casale,
Uhde, Topsoce and kKellogg canverters can achieve this
performance. PSA technology is available from Unian

Carbide Corporation and Linde AG.

Natural Gas from the battery limit is heated to
400 deg C in a heat exchanger. The gas 1is then
desulphurised using ZoO before it is mixed with steam to
give a steam to carbon molar ratio of 3F:1. The mixture
is heated to about 500 deg C in the Reactants Heater
located in the convection zone of the primary reformer
before entering the inlet system of the Frimary
Reformer. The reformed gas leaves the tubes at 20

kg/cm2.a. and 850 deg C.
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The reforming furnace is fired with FSA offgas and
additional natural aqas. In order to make sufficient
steam for the plant to be celf contzinad in power there
is additional firing of natural gas in the convection
section of the furnace. Heat from this additional firing
and from the gas leaving the radiant section is

recovered in the following coils:

Steam Superheater
Reactant Heater
ConZone EFW Heater
Matural Gas Heater
Combustion Ailr Heater

ConZone Roiler

The flue gas is discharged to the Flue Gas Stack
by the Flue Gas Fan. Combustion air is provided for ail

burners by the Combustion Air Fan.

Hot gas from the reformer is cooled to Z50 deg C
1n the Primary Make Gas Boiler when 1t enters the HT co
Shift Reactor. In this reactor about 70% of the carbon
monoxide is converted in a single stage to COZ and more
HZ. After the reoacktor heat is recovered in the following

exchangers:

Stean superheater
BFUW Heater

Marural gas Heater




The cold gas enters the FSA unit where 87 - 8871 of

the incaming hydrogen is recovered in a verv pure
form. All the water vapour, carbon dioxide and methane
are removed. éAny helium present will pass through, as
will part of the argon. A tew ppm of carbon mgnoxiqe
will slip but this can be controlled to under 3Ippm when
a tew ppm of nitrogen may also slip through. The
separated gases are let down into the surge and mixing
system which operates at about 1.3 kg/cm2.a. The mixed

gas is used as fuel.

The process operates cyclically over a period of a
few minutes. At 350 ton/day NHZ capacity 8 or 10 beds
will be used and the hydrogen product is available at a
steady flowrate. The surge and mixing system evens out
the flow and composition of the fuel gas to a calorific

value. variation of less than 2 1/2% over the cycle.

Nitrogen 1is produced in an air separation unit of
standard design. The Air Compressor 1is likely to be a
centrifugal type with electric motor drive. The
nitrogen is compressed in a reciprocating Nitrogen
Compressor to about 27 kg/cm2.a. at which pressure it
joins wup with the hydrogen from the FSA unit to make a

Z:1 hvdrogen:nitrogen mixture.

The nitrogen plant must make a pure gas <ontaining
l2ss than L ppm v/ of oxygen in the nitrogen. ~ small
amount nf liquid nitrogen storage is provided to speed

restart of the unit atter any warm—up that mav occur.




The hydrogen—-nitrogen mi:ture is compressed to 120

Kg/cm2 using 2 reciprocating compressors. The caompressed
gas 1is passed through an oil tilter, as 1s necessarv,

and then mixad before the cold excharger.

The loop gas is then successively cooled bv:

Ammonia Loap Cold Interchanger

Ammonia Chillers

Aiter the second stage of chilling liquid ammonia
at 4 Deg C is separated from the gas in the Ammonia
Catchpot. The unreacted gas then returns via the Ammonia

toop Cald Interchanger to the Circulator.

The combined gas is compressed by the Circulator
to 125 kg/cm2. The gas is then heated to about 250 deg C
by the tLoop Interchanger. It enters the Ammonia
Converter where about 237 of ithe hydrogen is converted
to ammonia. The gas leaves the converter at about 439
deg C and enters the Ammonia Loop Boiler where 1t raises

48 kg/cm2 steam. It i1s then further cooled in the

Ammoni1a LLoop I[Interchanger

Froduct 3as Cooler
and re2ceives rth2 make-up Jas.
Most of the inerts present i1n the feed gas will

dissolve 1n the anmonia product and be removed from the

loop 1n this way. Uthers will build up and 1t may be




recessary to purge ei ther centinuoausly or

intermittently.

The refrigeration for the ammonia loop 1s dane 1n
two stages of chilling with a two-stage reciprocating

FRefrigeration Compressor.

2.3 Coal based flowsheet (Gasification with oxygen)

(Fig.7.)

This scheme includes licensed technology from
Texaca Development Corporation of the USA, Selexol of
Norton of the USA, and may use CO shift technology
licensed by EXXbN. Some designers may use ammonia loop
or reactor technology subject to license agreements. For
this description we have adopted an ammonia loop with an
ammoni a reactor designed by Ammonia Casale of
Switzerland. Large PSA units are available from Union
Carbide Corporation or Linde wG. The Air Separation
(ASY) plant can be obtained from a vendor with a proven

track record in such plants.

Coal will be received at site i1nto stockpiles of
up to 40,7300 t 1f some constance +from the mine. If the
mine is alonagside then the stockpiie can be much

smallier.

Care needs tno be faken wiith the stockpile to
nrevent spontaneous combustion taking place. Fecovery

from {he stockpile will be by front loader, This will
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Water for milling is largely that used to wash the

slag through the lock hopper lus a smailer quantity
from the blackwater stripper overheads which will
contain some suspended sulphur.

The milled coal goes to a hold tank from where 1t
iz pumped via a screening system to oane of three
checking tanks where the concentration is checked and
adjusted as necessary. Certain special chemicals are
added at the milling stage to enable a high solids

concentration to be abtainec

Coal from Final Slurry Tanks is pumped by the
reciprocating Slurry Pump into the burner of the
Gasifier. Oxvgen from the.nygen Flant is compressed by
reciprocating Oxygen Compressor into the same burner
assembly in the gacsifier. The coal slurry and the oxygen
combust at 1350-1400 deg C to form a synthesis gas rich
in carbon monoxide and molten ash and a small quantity
of unt :rnt carbon. These are all quenched in the water
bath at the base of the gasifier. The gas evaporates a
very large quantity of water. The molten ash becomes
round glassy granules and some of the unburnt carbon 1s

.

trapped i1in the water.

The szaturated gas leaves the gasitier above the
water level and 1is scrubbed with more water in the
venturt scrubber to remove all the zuspended carbon. The
water 1s knocked out 17 the Gas Scrubber which tncludes

a clean water wash =stage to remove all entrainaed




droplets of dirty water. Water from the base 1s pumped

into the venturi scrubber and the base of the gasitier.

Slag from the base of the gasitier 1is periodically
discharged inte the Slag Lock Hopper located iust below
the gasifier. The slag is then discharged through a
screen into the Slag Settler. Most of the slag runs of+
the screen into a container for disposal. The final slag
settles and is removed into the container. The slag-—free
liquid is then re-used to slurry the fresh coal at the

mill.

Water containing suspended carbon known as
‘blackwater’ is continually let down from the gasifier
through the Gasifier Water Exchanger to the Blackwater

Flash Tank in the effluent treatment area.

After particulate removal the saturated gas is
warmed up to 260 deg T by the effluent from the final CO
Shift Reactor in the Shift Feed Heater. in the first CO
S5hift Feactor about 907% of the gas is converted using a
cobalt-molybdenum oxide catalyst. The very hot gas is
cooled by raising steam at 45 kg/cm2 in the Intershift
Boiler. In the s=zcond reactor the CO is reduced to about

%. Aftar the sz2cond reactor are several heat exchangers

which cool the a2s ko 40 deg C:

Shifk Ferd Hoakber
Shirt EBEFL rFeater

Froceszs condensate Heater




Absorption Refrigeration Rebeller

LF Boiler

freturned Steam Condensate Heatar
Faw Water Heater

Shift Effluent Cocler

All apart from the last of these are making use of

the heat for various essential duties.

The feed gas enters the Selexol plant at 40 deg C
IZ Kg/cmZ and passes into the H2S Absorber. Here, HZS
is preferentially absorbed using C02-saturated solvent
from the COZ Absorber entering at the top of the column.
As the guantity of HZIS is smali, the temperature change
is duve mainly to the cooling of the feed gas and
resul tant desorption of CO2Z from the solv=nt. The gas,
now containing less than 1 ppmv HZS, enters the base of
the CO2 Absorber vwhere it is cortacted with cold lean

Selexol at O deg C entering at the top. The gas leaving

the top of the absorber contains about &% of COZ.

The COZ-rich solvent 13 expanded through the
Seilexol Turbine, and flashed 1n the LP C02 Selexol Flash
Drum to proaduce the COZ product gas. fhe €olution 1S

raturned ko khe apsorber via the Chiller.

The H2G-r1ch =solvent passes to the LF HIS Sajexol

Flash Oruam khen passes through rhe Selexol Interchanger

to the HDS Reqernsrator. (he regenerator column 15 1n two




serarate sections, the top section being a flash wunit

and the bottom section a stripping unit.

With about &% COZ in the gas the FS5A unit passes
about 89% ot the hydrogen as a very pure gas. The gas is
mixed with pure nitrogen vyrom the oxygen plant. This
nitrogen 1is compressed from 1.2 kKg/cm2.a to 30 Kg/cmzZ.a
by reciprecating Mitrogen Compressors. The mixed gas is
then compressed to 135 kKg/cm2 by a pair of reciprocating

cCOompressors.

The 1loop pressure has been selected to fit the
available heat for the regeneration of the absorption
retrigeration to the chiller duties for both the 1loop

and the Selexol unit.

The synthesis section is practically identical

with that of the two previous flowsheets.

The chillers are part of an absorption
refrigeration system. This eliminates the need for
another 1.1 MW compressor motor and makes the best use
of a considerable guantity of heat available in the gas
production svsetem. It 15 comprised or =imple pumps,
columns and neat srochangers mainly constructed of carbon

zkeel,




2.4 Coal gasification with air

. Autothermal partial combustion Was alwavs
pertormed with either pure oxvgen (¥5-%8 W) or enriched
air f{around S0 % 0Z), although the reaction could have
been carried out with normal air also. In this case,
haowever, the nitrogen introduced with the necessary
quantity of air could be far in excess of the 3:1
hydrogen-nitrogen ratio needed in the final syngas. The
new ideas described above (working with excess air in
the secondary reformer and eliminate the surplus of
nitrogen by partial condensation) could be applied also
to the partial oxidation of coal, relieving this process
from the necessity to build and operate an air
separation plant. This process has not yet been tested,
as a complet line, but the individual steps are
commercially proven., The flowsheet proposed by Faoster-
Wheeler is very simple (Fig. B.): entrained bed
non—-catalytic partial oxvdation under pressure with
preheated air and steam, heat recovery, removal, shift
conversion, desulphurisation, COZ removal (eventually in
one step), drying {(molecular sieve} and condensation of
the excess nitrogen could deliver a pure svngas to the
ammonia synthesis. The cold produced by the expancsion
af the condenzed nitrogen to atmospheric pressure could
cover the cooling eneray needed for thisz condensation.

The process could be applied for other feedstocke too.




g

The process essentially comprises the following

steps:

Partiai combusticn ot the teedstock (oil or coal)
with preheated air and steam, to generate a raw
syntnesis gas containing chiefly hydrogen, carbon
monoxide and niirogen, typically at 1,3000 C and 79 bar.
Established partial oxidation and gasification processes
may, according to the main licensors, be used in this
waf and in fact such processes have been operated

successfully with air as the oxidant.

The partial combustion 1s advantageously followed
by a waste heat boiler and a soot and ash renoval,

according to the systems of the gasifier licensors.

Carbon monoxide shift, using whichever of the
commercially available catalysts is appropriate. The
selection of catalysts would be made mainly according to
the degree of conversion desired and the sglphur content

of the gas, as in narmal practice.

For eas= of dizplay, Fig.B8. shows only one shift
converter., Altnough the nitrogen from the gasiticati:on
a1r will greatly 1ncrease the gas rlow on a dry basis 1n
comparison with an oxvygen-based partial oxidation plant,
the szhift catalvst Jolun2 need not be significantly
increased  xnd the number of stages may sometimes be

decrsaged., Thi13 12 because:

- the n1frrogen present acts as a thermal
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reservoir, allowing the steam to the shitt to
be reduced to arcund the minimum the catalvst
can accept; hence the total =hift gas +iow

{including steam) 1s still reasonable; and

with the provision for recovery of the
calorific and pressure energy of the waste
nitrogen steam as described below, there is
apparently less economic advantage in a high

degret of carbon monoxide shift than in normal

practice.
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Aci1d gas removal, by an established process. to
remaove the carbon dioxide present and the hvdrogen
sulphide (ir any). Uf course, hydrogen sulphide caould be

removed before the shift i1+ preferred.

Crvogenic nitrogen condensation, to reduce the
nitrogen content of the gas to 25 vol-Z for ammonia

synthesis.

This separation of nitrogen from hydrogen is very
much easier than the separation of nitrogen from oxygenv
because of the much greater difference in boiling points
of the twoc gases and because only 790-80 7 of the

nitrogen need be removed.

The separation can be made i1n a very simple
cryogenic plant comprising only heat exchangers and
separators. At the characteristic operating pressure
(S0-70 bari, this separation can be thermally sustained
by the Joule-Thamson refrigerative effect alone, without
need for mechanical expanders or external refrigeration
cycles. Many <similar, although smaller, 'cold boxes’  are
in use for the rocovery of hydrogen from ammonia plant

purge gase=.

A moiecular sieve cleaning stage 13 provided
upstream of trthe <old box to remove traces of water
vapour, carbon dinnide and other materials that would
othervize form a solid rim inside the cryogenic

equipment,




When preceded by methanation to remove traces of
carbon oxides, this cryogenic operation produces a

campletely dry, high—gquality ammonia synthesis qas.

Alternatively, the tinal purification and nitrogen
condensation can be performed in the ‘cold box’ by the
incorporation of a nitrogen wash column, the wash
nitrogen being generated from the synthesis gas itself.

In this alternative, no methanation is needed.

Waste gas system. The waste nitrogen leaves the
cold box at a pressure around lovbar. It is heated and
then expanded to atmospheric pressure in a tuwbine, thus
providing a high prooortion o+t the power needed for the

Alr compressor.

2.5 Ammonia by water electrolysis (Fig.9.)

The synthesis of ammonia consists of making
hydrogen and nitrogen react, in the ratio 3:1, under
high pressure and temperature in the presence of a

catalyst:

IHZ + M2 —= ZNH3

The production of 1 tonne of ammonia requires
1,970 NmZ of nydrogen and 457 Nm2Z of nitrogen. The
nitrogen required 1s based upon air liquefaction and

separation:




Standard plants with anvy capacity can be procured
from several specialiced firms for air separation. Water
electralysis plants are aiso of standard design 1n tne
capacity range required rfror mini: plants. Fiqg.1d. shows

the flowsheet of an electrolyser plant.

Hydrogen from the water electrolysis plant and
nitrogen from the air separation plant pass to separate
gas holders, which provide a butter capacity and
stabilize the gas pressure. Compared with synthesis gas
generated from a hydrocarbon feedstock, the water
electrolysis gives an extremely pure gas, containing
only a very small amount of oxygen <(0.1-0.2%Z), which,
however, has to be removed, as oxygen is a poison to the
ammonia converter catalyst. The only purification needed
is therefore oxvygen removal, which is done bty means of
catalytic combustion. A small amount of the hydrogen
reacts with the oxygen present and a corresponding
amount of water is produced. The purification takes
place i1mmediately after the mixing of hydrogen and
nitrogen and the purified mixed gas (make-up gas) passes
to a gas holder serving as a buffer +for the ammonia

synthesis sectiin.

The synthesis gas 1s next compressed to the
pressure of the ammonia svnthesics loop (normally between
100 and Z80 barsz) and ammonia 1is synthesizvd 1n 2
synthes:1s lnop based on the =ame principles as are used

in most other ammonia plants.
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The table below shows the main technical
parameters ot such a plant for three dif+erent

capacities.

Technical Specifications for Three Sizes of Ammonia

Plant Based on Water Electrolysis .
NH3:X production 100 t/d 300 t/d S00 t/d
(4.17t/h) (12.5t7h) {20.83t/h)

Electrolysis plant

H2 requirement 8200 Nm3/h 24600 Nm3/h 41000 Nm3/h
02 production
(by—product) 4110 Nm3/h 12300 Nm3/h 20550 Nm3/h

Number of electro-

)

140

~

lysers (approx.) 28
Fower requirements

for H2 (4.3 kWh/Nm3) Z6 MW(DC) 168 MW(DC) 180 MW(DC)
Air fractionation unit

N2 requirement

(design) 3500 Nm3/h 10000 Nm3I/h 173500 Nm3Z/h
Power requirements

for air (design) 0.5 MW 1.4 MW 2.35 MW
MHZ synthesis section

Power requirements

(design) for compressor > MW A 15 MW
Total power conswnption:

10 Muh per metric ton NHZ.

Comparing the production o+ ammonia +rom
hydrocarvwon teedstock this route is much simpler and
does not contain any complicated process steps
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cperating at high temperatures and pressures - apart
from the ammonia synthesis unit, which is the same for
all processes. MNevertheless, the investment costs are
high (about 3I0-50% above those for a natural gas basad
plant}). Recent development works on new eleccrolvtic
cell types {membrane) are promising: it seems
reasonable éo expect more competitive investment costs
in a few years'time. On the other hand the very high
energy consumption: 10 MWh/t NH3 will remain in the
same region: more than 20-30% saving seems impossible
to achieve even in the far future. This, calculated
with a factor of 2700 kcal/kWh means 27 Gecal/t NH3,
roughly four times more than the value of 7-7.5 Gcal/t

NH3 usual for nowadays plants.

Electrolysis under pressure, another field of R
and D activity would save the energy needed +or the
compressiolr of hydrogen, but this is less than 10% of

the total energy consumption.

In any case, this process will never be
competitive if power is produced in a thermal power
plant. Where hydroelectric power is available at low
cost, due consideration should be given to this
alternative. ine rcalculations showed, that onlv 1+

electric power 13 available for 3Z-14 dollar/MuWh can £nis

method be competitive,




2.6 Urea production

The industrial-scaie -manufacture Of urea trom
amnmonia and carban dioxid 1nvelves two saparate
r=2actions. Initially the two r=2actants combine to rform
ammonium carbamate, from which a molecule of water 1s

then eliminated to give urea.

CO2 + 2NH3 < > NHZ COONH4

NHZ2 COONH4 < > CO(NHZ2)2 + H20

The reaction is carried out in a reactor operated
under pressure - at least 100 bar - and at an elevated
temperature in excess of 15600 c.

In a typical reactor only about &6=-70 4 of the
stoichiometric mixture of ammonia and carbon dioxid will
be converted to urea. It 1s necessary to cseparate
product urea from unreacted carbamate 1n the solution
leaving the reactor. This 1s done by decomposing
ammonium carbamate to carbon dioxid and ammonia. The
main differences between the dit+ferent processes lies 1in
the method u=ead for this decomposition. The old once-
through and partial recveling processes ars practically
not used any more, only different versions o+ the total
recycle process and mainly the stripping methods can be

considered for new plantz.

In the total recycle stripping processes NHI or

£N2 or both can be used az stripping agent.
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Stripping at svntheses pressure ra2duces
considerably the onerous +luid pumping operations and
greatly improves the heat recovery. Stripping with CO2
was first used. fcliowed by ammonia and two step ammoniz

and COZ stripping methods.

Practical plant capacity are between 3ZD0-1700 tpd
and the technological processes are in tnis capacity

-~

range essentially the same.

There 15 practically no difterence in the process
whether the size 1is big or small. All the known
processes (Stamicarbor, Snam Frogetti, Tovo, Montecatini
ecc) <an be used without any clhanges for mini plants.
The stripping 1is today a general <feature adopted in
nearly all processes. Besides the stripping with CO2
shown in the <+lowsheet below, ammonia stripping and
double stripping using both reactants .s also used, but
these features do not change substantially the

characteristics of the process.

The Fig. 106. shows a typical total recycling
stripping process. At the synthesis condition ¢ T = 1800
C, F : 1S90 bar! tihe carbamate producing reaction occurs
rapidly and goes to completion. The wrea reaction occurs

slowly.

From the reactor the mizture tlows £to rhe =steam
nezted skripper. where, as <stripping medium C0Z 13
introduaced Fo deconpose the unreacted carbamate and the

nases  are fed bt the carbamate c¢ondensers, while the




solution +flows to the rectification tower and a heater
where at 3-4 bar pressure the remainder ot the carbamate
is decompased. The gases condensed will be recycled,
while the urea solution will be evaporated and the water

free melt prilled in the prilling tower.

The wrea plants have to be located at the same
site as a correspondingly sized or larger ammonia plant
since the ammonia plant supplies not only ammonia but

also the high purity carbon dioxide.

Based on this new idea, complex ammonia-urea
flowsheets were developed and tested in pilot plants
where the CO0OZ2 removal is realised using an ammonia
_solution in water and the resulting liquor is introduced

directly in the urea production. 8Since it does not seem

advisable to propose for developing countries
commercially unproven processec, this method was
omitted.

2.7 Granulation, Bulk blending and Bagging

Granulation

As we have zeen, the chemical processes used for
the production of nitrogeneus fertilizcers deliver a melt
(zometimes with s=suspended =zolid=s) and therefore an
adequate finizhing ztep 13 necessary to arrive at a
30lid  produact needed 1n most agricultural uces. The
phosphate fertilizers on the contrary can be produced in

powder or in ziuwrry form. The slurry must be prucessed
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to arrive at a solid product, which will be granuled and
the powder can also be transtormed ta this form. For
that reason, since the 1350°'s the solidification and
<zooling of the melts producad in the nitrogen industry
was considered as an inteqral part of the processes
invalved and prilling gained nearly universal acceptance

for this purpose.

The word granulation, was reéserved to the
phosphate field where drying was the basic operation
involved, to eliminate the water content carried in the

slurry or added in powder granulation.

fan—, drum—- and pug-mill type granulators were

used for this purposes.

In the last +ew years drum and pan granulation
technics gained more and more acceptance in the nitrogen
industry both for urea and ammonium nitrate and several
new methods were developed which are equally suitable
+or both type of producte. MFE fertilizers -—equally new
products- <an be made in similar equipment +rom the
csame phosphate, amwmonia and nitric acid. All this seemed
to justitvy A conmon  treatment of all granulation

technics in a =ingle chapter.
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Prilling

The wide use of prilling is due to the advantages
aof this system, in particular the areat daily production
capacity of the equipment, low labour and operating

costs.

Frilling is the production of a granular solid by
allowing malten droplets to fall through a gaseous
cooling medium. Non-viscous homogen2ous materials with
well-defined melting points, such as pure ammonium

nitrate or urea, are verv easily prilled.

Te abtain hard and non-parous prills, the water
content must be reduced below 0.5%Z otherwise a porous,
low—density product results which 1is troublesome 1in
storage. Jets of +ree-falling molten materials are
broken into droplets by the air. The droplets begin to
€olidify as they +all through the cooling medium. The
crystallization starts at the surface and progresses

gradually to the inside.

The priliing device and melt temperature must be
carefully controllad. The retention time in che prilling
tower is also an rmportant +factor. The proper design of
the tower herlght and cooling air fiow are essential to
obtain completely hard priils at fhe bottom, The still
hot prills arrising at the hottom must be collected and
transported to the <i1nishing, and cooling may also be

required.,
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The prilling tower itself 1s a structure
supporting the priliing equipment placed on the top.
together with tans providing the necessarv ai1r str=am.
The main characteristics of the tower ar2 the heirgnt
datermining tne reéention time, the craoss-section fixing

the capacity and the air stream.

The not —ompletelyv satisfactory granulaometric
composition is the drawback of this system. Frills are
relatively small; in practice most are around 1 mm and

only a small proportion reach the 2 mm mark.

Prilling is very advantageous for big capacities.
At the lower end specific investment costs begin to rise
to such an extent tnat other granulation technics become

more advantageous.

Pan Granulator

This principle, which had b=2en widely used in the
pharmaceutical industry was developed for superphosphate
granulation and was axtensively usad 1n  the phosphate

1ndustry.

tumber DuRs companies made considerable

Lmprovement

w

. w13 che orocess lends 1kself for making

granular  ammoniun o3 trate and wrea. Granul ation 13
accamplizhaed bw  spraving hot concentrated melt of
rertilizer zalts onto a cascading bed of recvcle

matertal 1o a nan granuleror,




The granulated product is cooled and is sized 1n
conventional equipment. The oversize traction from the
screen is crushed and returned with the undersize
fraction for use as recycle material. The correct s:ice
product 1is treated with an appropriate cond:itioning

agent and sent to the store.

Critical +features ot the pan granulator for best
operation include slope, rotational speed, 1location of
spray, concentration and the amount, particle size and

temperature of the recycled material.

Drum Granulator

The classic drum granulator consists of a slightly
inclined rotary .. lirder with retaining rings at each

end and with appraopriate internal structures.

The basic amaterials must be well mixed before
entering the drum, which serves only to <torm the
granules; these are rounded at the bottom of the drum by
their contact with each other. The speed of rotation of
a drum granulator must be slow enough tor the granules
not to be carried around by centrifugal +orce since the
principlie of thi1s zystem 1s that the granules should

move relative ©o Ehe drum.

Dep2nding on  the recidence time required, drum
gqranul ators may be mountad with a downward slope up Lo

-
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Drving and cocling are baoth needed atter
granulation. <o a typical granulator train consits ot a
drum with two sections., the first serving for mixing and
chemical rsaction, the second for granulation, followed

bv a drier and caoler, both af drum tvpe.

A basic fteature of the drum granulator system 1s
the great amount af recycle material. Mot only over- ang
undersicze material, but a given part of the product must
be recycled depending on the water content of the input

materials for optimum granulation drying cond:tions.

This process can be combined with ammoniation of
phosphates (SSFP or TSF! NFE fertilizer manufacture etc.,

as well as for granulation of SSFP or TSP powder.

Spherodizer

Hot Spherodizer Process

The process was conceived in an effort to simplify
the processes in use for the granulation of complex
fertilizers and to improve product quality. The major
innovation af the spherodizer process consisted of
combining granulation and drying into a s1ngle

processing operation,

&y thiz process, the conversion of liquid slurry
Lo unifoarm arz2nules is accomplished by spraving Etne
zlurrv under preszure through nozzles onto a dense

curt,ain o+ recyecied makerial cascading from lifters in a




rotating cvlindrical drum. A steam of heated air flows
through the drum co-currently with the solid recycle and
the spraved slurry, coming into intimate contact with
the particles to be dried. As droplets of slurrv hit the
recvcled granules, water is flashed off, resulting 1in
new onion skin—-like lavers or material around each of

the solid particles every time they are cascaded.

The remainder of the flowsheet is conventional,
with screens tao separate the product size, crushers to
reduce oversize, and elevators and conveyors to transfer

the solid materials.

Thié process was identifiecd as the _"Hot
Spnerodizer Process" to distinguish it +from the one
using oOnly cooling air for the granulation of melts,
which came to be known as the "Cold Spherodizer

frocess".
Cold Spherodizer Process

The cold spheradizer process is used in the
granulation ot ammonium nitrate and urea, A
substantially anhydrous melt o+ either ammonium nitrate
or urz2a 15 3praved i1nside a rotating drum onto a rolling
bed of 3o0lid particles. Ffe the particles roll, they are
repeatedly coated wiith thin layers of liguid melt, which

zolidifs £t give the granule an onion-skin structure.

nLr tlows throuagh the granulation drum in

countercurrent to the granules, removing gart o+ the

(]
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heat of crvstallization of the melt, as well as the fine
dust. Ffrom the drum it is drawn by an exhauster i1nto a

wet scrubber betore beinq discharged to the atmosphere.

Pugmill

Mixing and granulation in the same equipment 1is
achieved with a doubie-shaftt granulating screw, called
pugmill or blunger. The pugmill is followed by a drier,

a cooler and screening.

The crushed oversize product is combined with the
undersize product and the mixture is recirculated in a
controlled ratio in the cold and dry <state to the
pugmill. The hot fresh slurry mixed with the recycle
product gives sott balls with a moisture content or

3-6%, depending on the recycle ratio and the slurry.

Only partial crystallization and no moisture
elimination takes place in the pugmill and theretore the
sott balls wmuzst be dried i1n a rotary drum by hot air,

coaled in a canling drum and then screened.

Evaluation

For the mirni-plant concept, due to the conditions
pravailing in h2 regions favourable ror the emall si:ze,
the pan, recrwctively drum granalation cseems more
apprapriarte  ror nitrogenous fertilizers, due tao the
relatively high 1nvestment cost of the prilling power.

For phosphate fartilizers 1t seems appropriate to start
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with non-granulated material (pawder) and <switch over
only at a given degree of agricultural mechanisation to

the granulated form.

Bulk Blending

Where granulated fertilizers should be blended,
bulk blending 1is very advantageous. The process 15
usually of the batch type, with a minimal capacity of 1
to 2 tons per batch. The mixing time is 2 to 3 minutes,
consequently as much as 10 to 20 tons per hour can be
mixed easily. Depending on the working days of a vyear
(approximately 133 days) the production will be about

10000 to 20000 tons per vear.

The material commonly used in bulk blending are
ammonium nitrate, ammonium sulphate, triple
superphosphate, diammonicn phosphate and potassium
chloride. Other materials sometimes used are urea,
ammonium phosphate nitrate (Z0-10-G)y , ammonium phosphate

sulphate (16-20-0) and normal superphosphate.

The materials should be closely sizad, dry enough
to prevent caking in storage, and sufficiently strong to

prevent fragmentation in handling.

Type of muxaers and Layout of storage. conveyling
and mixing facilities vary widely, 20 much that probablvy
no two plants are alike. Since the plants are small and

quite often builbt on a very limited budget, they tend fo

he homemade.




Mixers are mainly of rotating drum type, but
various other types including ribbon mixers, mixing
screws, gravity mixing towers and a volumetric metering
device ar=s used. The volumetric metering device 15 a
continuous tvpe in which materials are f2d by gravitvy
through adijustable gates onto a common belt. The

materials mix as they +low into the receiving hopper and

in the tollowing =screw convevor,

Evaluation of Bulk Blending in the Distribution System

Until the emergence of bulk blending in the early
1960°'s, wmainly in the USA, traditional distribution o+f
fertilizer involved the movement of bagged fertil-zers,
from medium sized production plants producing between
28000 and 200000 tons per year of mixed fertilizers, to
farm buvers, through general retail +arm supply

organizations.

However, in the early i%c0 s the advantage of bulk
handling of fertilizers became apparent and the

emergence ot bulk blending developed quickly.

In buik blending, a few basic high analysis
materials containing single nutrients (or, 1n the case
of amnonium phospnates, coth nitrogen and phosphorus)
are shi, =2d 1n bulb +orm £ retail bulk blending units,
Here they are combinated phvsically tn mixtures suited
to the particular needs nf 1ndividual farmers. Thus, at
m: point in the distribukion chain are the materials

handied 1 anwv out bullk form.
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With the availability of a wide variety of blends
of the three nutriosnts at the retaiiing station, the
demand +or basic products shitted trom the chemically
mixed fertilizer materials to maior blending materials
such as ammonium nitrate, triple superphosphate,

diammonium phaosphate, and muriate of potash.

As this mode of distribution developed, many of
the major manufactorers developed their own organization
of bulk blending stations, thus emerging as the direct
seiler to the farmer. A tvpical large fertilizer
organization wmight develop a chain of 100 to 200 such
bulk blending stations. These would typically handle
from 1000 to SO000 tons of material per year and

generally sell within a radius of 15 miles.

Advantages of bulk blending can be summarized 1in
the foilowing: {1} bulk blending shortens the marketing
channel by combining the mixer and dealer functions; (2)
handling and distribution costs are 1less +for bulk
material than for bagged product; (%) bulk blending
reduces handling cocsts by eliminating the transfer from
producer to dealer; (4) =hipping distance of materials
zuch  as  potash is shortened because the material goes
directly <+from praimarily procucer to the mixer—-dealer
rakther than detouring to a granulation plant; (S) a
cuskom application zerwvice can be offered; and (&) the
Hulk blender, btnrough his close contact with the farmer,
can work with agricultural advizors 1n guiding the
tarmer s use of fertilizer. Assistance with soil testing

arnd sampling is an important part of such a service,
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Although this system 1s conceivable only as part
of highly sophisticated national fertilizer suppivy and
application chain and onlvy countr: =>s  with fairly
developed agriculture can adopt it, 1t has i1ts earing
on developing countries, too. The network initially
developed 1in early stages of fertilizer production and
distribution, composed of mini-plants and local dealers
storagé facilities can be easily transformed without any

major change or investment.

Local stores can be provided with bulk blending
facilities with wvery 1little cost and the new, or
expanded phosphate fertilizer production units can
produce granulated praducts, while the nitrogen 1is
already manutactured in granulated form. The use of drum
or pan granulation 1n the =arly mini-plants is
advaniageous, the particle size is particularly suitable

for bulk blending.

Bagging

Although as much as possible of fertilizer output
is dispatched as bulk, sometimes provision must be made
for a signit:cant amount of bagged process as well.
5ince baggimy 15 a process with extremely high 1abour
requirements, a fully automated line has been developed

for this purpaose.

Another aquestion much debated 18 wnether to use
valved or cushion type bags. The latter are less

2 pensive, prevent s3spillout, and protect the material
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much better: but weld sealing is difficult because aof
the fertilizer dust. The valve bags are more expensive
and aré not airéight, but they require nc waldina.
Either type 1s available, accoarding to the local

conditions.

As compared to bulk goods, the handling of bagged

fertilizers are much more labour—consuming operations.

Bagging in the mini-plant size range should be
definitely discouraged for phosphates and limited even
for nitrogen fertilizers. Anyhow, bulk storage and

direct shipping to the plot is one of the most

attractive features of mini—-plants for agriculture.




3. ECONOMICS

The technical information summarited and analvsed
in the former part of the studv served as basis for the

. The investment

w

economic evaluation of the minipiant
figures and specific consumption data were taken +rom
the latest published informations, +rom some bids and

tenders made by leadinag contractors as well as from

VA

persorel information sources. Table 3.1 and 2
summarize these data. The usual prices were Iintroduced
for the utilities. For the indirect costs, the usual

factors were adopted.

The economic analysis and evaluation was prepared
for three capacities: 150, 250 and 1000 ton/day ammonia
production. The global investment cost for the whole
complex, composed of thes ammonia, urea and offsite units
were calculated for three raw materials: natural gas,
fuel eil and coal. For the 130 ton/day capacity two
variants were taken 1nto account: the f1irst using the
minimum  amount of feedstock and importing the electric

power for the drives; and the second, =self contained,

producing ail the current needed at the expense of a
higher +feedsztoci conzsumpifion. This resulted in twelve
cases, pasad o videntical assusptions and calculation
methocs, he 1ndividuzl cost calculatxﬁn sheets are

praesentad 1 Tables 7.2 throwih J.14.




Evaluation
v

First of all, 1t was obvious trom the beginning.
*hat with the prevailing very depressed world market
prices no new proiect in this field can be profit-
making, regardless of the capacity and feedstcck. In
1986 all the leading fertilizer manufacturers realised
heavy losses even with plants completely depreciated.
Low +feedstock cost helped neither: the plants based on
assnciated gas wc- ket also with losses. Faced with this

situation, the ex-factaory production costs were

calculated fc. .he mini and the big plaﬂts~and compared.

Investment costs

:n spite of the much simpler utility requirements
and offsites., the miniplants need obviously higher
specific investment costs as the big plants, calculated
for the same conditions. So the 250 ton/day ammonia
plant needs around 10% more investment per unit of
production as the 1000 ton/day one. For the 150 ton/day
plant 25% more specific investment is needed, Thi=: 1is
much less, than that resulting from the usual
relationship generally accepted between capacity and

investhent _osihs:

@i
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Accepting a relatively law value for n:

the 250 ton plant would need 744 more specit1ic

rr

investment. This comparicon demonstrates clearly, tha
the small plants have no serious handicap in investment
costs, especially when one takes into account the much
lower absolute sums inveolved, +facilitating greatly the
credit procurement, accelerating the implementation and

lowering the interest burden o+ the project.

Production costs

Natural gas based projects

The disadvantage in ex—tactory costs for the 250
ton plant against the 1000 fon one i1is 25% or roughly 40%
in absolute figure. For the 150 ton case, it 1s S04,
respectively around 80%, Transport costs for ocean—going
wessels with big tonnage amount easily to 40%/ton,
while land transport costs in many developing countries
exceed 80 #/tons +tor remote locations. Un the other hand
an option to produce in a big plant partly for export
(to complete the smaller home wmarketr would give
certainly & certain advantage i1in the costz for the home
market, but the lusses on the exported guantity would
largely offset these advantages. Suppasing a 30 - 3507
repartition between ezport and home market, a gain of
nearly 7 amillion ¥ n the productinon for fthe home market
would pe accounted t+or against 7.7 million ¥ losses in

the auport at khe praevairling prices.
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50 1in all cases, when the transport costs exceed
the relatively small difference in the costs at the
disadvantage of the miniplants, which 1s the case 1n
mast develaping countries tor the ramote areas, 1t 1s
economically also justitied to build miniplants, even
when the other advantages =2xposed 1n ather parts of this

study are r.ot considered.

The other +eedstocks iead to substantially higher
costs, calculated at worlid prices for the feedstock. In
developing countries feedstocks can often be found with
much lower cost lavel and thus economic projects can
rasult from such conditions. The cost difference between
miniplants and big plants 1s even smaller than for the

natural gas based plants.

The general economic conclusion confirms that the
minifertilizer plants can be competitive with the big
plants in all the remote areas. The above rather general
analysis justities a detailed analysis based on the real
actual conditions and prices in all cases, when the
market 1is to z=mall for 2 big plant and the transport

costs are hiqgn.
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Table 3.1.

limit costs and consumption figures for ammonia

1600 t/d
nat.fuel oil
coal gas

140 160 230

16 16 16

s3 SI S3
29 29 29

7.2 8.24 10,3

72 80O 100

120 1o i/1

1.2 = 3
40 50 100




Table 3.2.
Battery limit costs and consumption fiqures for wurea
production
(developed site)

Product: Urea

Nominal capacity 260 t/d 440 t/d 1700 t/7d

Battery limit cost M$ iS5.0 23.0 $8.0
Distribution ot

investment cost:

- licence, know—-how % 23 23 23
- engineering % 12 12 12
- equipment and

machinery 7 52 52 S2
- civil engineering

and erection % 33 33 33
Materials and
Utilities
Consumption/t urea:
NHZ kg 578 S78 578
caz kg 735 7% o 735
HF steam kg 920 00 840
Power Lk 150 140 120
Export steam LF kg - - SO0

’ Cooling water m.> 70 7 50

Labour manvyear/y 45 S0 70

‘bagging + storage

and iocading included;
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Table 3.3.
Estimated production cost for urea and ammonia
Feedstock: natural gas
Capacity: 150 tonsday ammoni a
49.5 Mtan/year ammonia

85.& Mton/year urea
41.3 Mton/vear nitrogen

Capital costs MMUSS$
Fixed capital
ammonia plant BL 28
Urea plant BL 1S
Total BL 4z
Offsites 11
Total fixed capital sS4
Working capital 3.3

Unit Quant. Price Ann.cost Unit cost

uss/u MMs uUss/ton

Ammonia variable costs
Feed and fuel Gcal/ton 7.5 3.9 1.29 26.25
El. power kiwh/ton 88S.0 0,04 1.75 IS.4
Cooling water m3/ton S515.0 0.02 Q.50 10.3
BFW m3/ton 1.8 0.4 0.03 0.72
Total variable costs 3.99 2.67

Other direct costs

Labour manyear/y 40 20000 0.79 16.16
Maintenance (27 of fixed capital) 0.56 11.31
Total other direct costs 1.36 27.47
Total of all above costs for ammonia 4,95 100.14

Variable costs for urea production

Ammonia tonston 0.578 100,14 4,95 57.88
coz2 ton/ton 0,755 O

HF <=team ton/ton 0.92 20 1.57 18. 4
El. power kWh/ton 150 G,04 0.51 b
Cooling water mZ/ton 70 0.02 0.11 1.4
LFP steam credit ton/ton O 12 O O
Total variable costs for urea 7.16 .68

Other direct costs for urea

Labour manyear/y 45 20000 0.89 15.51
Maintenance (2% of fixed capital) 1.16 .59
Total other direct costs for urea 2.06 24,06
Fixed costs for urea and ammonia

Direct overhead (4% o+ labour) .67 7.94
General overhead (53% of labour) 1.10 12.90
Taxes, insurances (1.9% of fixed capital) .61 9.46
Interest (57 of working capital) .15 1.2
Depreciation tluwi of tixed capitaly S.4 5,08
Total fixed costs for urea + ammonia 7.99 35.39
Total net costs for urea + ammonia 17.21 S01.14
ROI (10%) 5.4 bI.08
Ex factory costs 22.61 264,22
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Table 3.4.
Estimated production cost for urea and ammonia
Feedstock: natural gas
Capacityv: 150 ton/day ammoni a
49,5 Mton/vear ammonia

85.6 Mton/year urea
41.3F Mton/vear nitrogen

Capital costs MMUSE
Fixed capital
Ammonia plant BL 28
Urea plant BL 15
Total BL 43
Offsites 11
Total fixed capital 54
Working capital 2.78
Unit Guant. Price Ann.cost Unit cost
uss/u mMMs uss/ton
Ammonia variable costs
Feed and fuel Scal/ton 8.6 z.5 1.48 30.1
) El. power kWh/ton O 0.04 G.00 0.00
Cooling water m3/ton S15.0 0,02 .50 10.3
BFW mZ/tan 1.8 .4 0.03 0.72
Total variable costs 2.03 41.12

Other direct costs

Labour manyear /v 4G 20000 0.79 16.16
iMaintenance (27 of fixed capital’ 0.56 11.31
Total other direct costs 1.36 27.47
Total of all above costs for ammonia 3.39 68.59

Variable costs for ure=a production

Ammonia ton/tan 0.578 68B.59 3.39 39.64
co2 ton/ton . 0,753 O

HP steam ton/to:: .92 20 1.57 1i8.4
El. power kKWk/ton 130 0.04 0.51 -}
Cooling water m3/ton 70 G,02 O.11 1.4
LP steam credit Lt o 0 12 O O
Total variable cos’ - - sr urea 5.6 &5.44

Other direct costs for urea

Labour f nvear/y 43 20000 .89 15.51
Maintenance ( o fixed capital: 1.16 7.35
. Total other agis..t costs for urea 2.06 24.06
Fixed costs f.. -rea and ammonia
Direct overnes: (404 o+ 1abour) 0.67 7.94
. Beneral overhead (657 of |abour) 1.10 12.20
Taxes, insurances (1.5% ot +ixed capital) .81 9.46
[nterest (5S4 of working capital; .13 1.62
Depreciation (107 of fixed capital) 5.4 63,08
Total fixed costs for urea + ammonia 7.99 ?T.359
Total net costs for urea + ammonia 18.4A5 132.90
ROI (3107%) 5.4 5.08
Ex factory costs 21,05 245.98
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Table 3.5.
Estimated production cost for urea and ammonia
Feedstock: natural gas
Capacity: 250 ton/day ammoni &
82.5 Mton/year ammonia

132.7 Mton/vear urea
8.8 Mton/vear nitrogen

Capital costs MMUS#
Fixed capital

Ammonia plant BL 8
jrea piant BL 23
Total BL 61
Offsites 18
Total fixed capital 79
Working capital 3.82

Unit Quant. Price Ann.cost Unit cost

uss/u MMs uss/ton
Ammonia variable costs
Feed and fuel Gbcal/ton 8.4 3.5 2.42 29.4
El. power kWh/ton 0 0.04 O 9
Cooling water m3/ton 300 0,02 0.49 6
BFW m3/ton 1.2 0.4 0.03 0.48
Total variable costs 2.96 35.88
Other direct costs
Labour manvyear/y 40 20000 05.79 T9.69
Maintenance (2% of fixed capital) .75 .21
Total other direct costs 1.56 18.90
Total of all above costs for ammonia 4,52 54.78
Variable costs for urea production
Ammonia ton/ton 0.578 Sa4.78 4.51 Zl1.66
c02 ton/ton 0.755 O
HF steam ton/ton 0.9 20 2.96 i8
El. power kWh/ton 140 O.04 G.79 5.6
Cooling water m3/ton s G, 02 J.19 1.4
LP steam credit ton/ton 0 12 O 0
Total variable costs for urea 8.08 S6.66
Other direct costs for urea
Labour Manye2ar /sy S0 2000 .99 EANDY
Maintenance (2% af fixed capital) 1.%8 11.77
Total other direct costs for urea L.08 18.78 .
Fized costs for urea and ammonia
Direct overhead (33% of labour) .72 Sewd
General overhead (5357 of Laboury 1,17 3.19
Tares, inzurances '1.3% or rixed caprtaly j. 18 3,30 ’
Interest (3% af working capithal)y .19 1.373
Depreciation (10% ot +1.2d capitaly 7.9 55.36
Total fixed costs for urea + ammonia L, 77 T5.70
Total net costs for urea + ammonia 21.74 152.35
ROI (10%4) 7.9 25.36
Ex factory costs 27.64 207.71




Table 3.6.
Estimated production cost for urea and ammonia
Feedstock: natural gas
- Capacity: 10060 ton/day ammonia
IZI0.9 Mton/vear ammonia

S70.9 Mton/vear urea
275.56 Mton/year nitrogen

Capital costs MMUSS
Fixed capital
Ammonia plant BL 140
Urea plant BL &8
Total BL 208
Offsites 83
Total fixed capital 291
Working capital 10.16

Unit Quant. Price Ann.cost Unit cost

uss/u MMS uss/ton

Ammonia variable costs
Feed and fuel Gcal 7ton 7.2 Z.5 =.351 25.2
Ei. power kWh/ton < 0,04 a o
Cooling water m>/ton 120 0,02 G.79 2.4
BF W m>/ton .2 0.4 0.15 0.48
Total variable costs 9.2 28.08

Other direct costs

Labour manvear/y 49 20000 0.79 2.42
Maintenance (2% of tixed capital) 2.8 8.48
Total other direct costs 3.6 10.90
Total of all above costs for amm_1ia 12.86 z8.58
Variable costs for urea production
Ammoni a ton/ton 0.578 7ZB.98 12.86 22,53
coz ton/ton 0.735 O
HF steam ton/ton .84 20 ?.59 16.8
El. power uh/ton 130 a.04 2.95 .2
Cooling water m3/ton a4 0,02 G.68 1.2
LFP steam credit ton/ton -3.5 12 -3.42 -5
Total variable costs for urea 22.68 I9.73
Other direct costs for urea
Labour manyear /<y 70 20000 i.4 2.45
Maintenance (2% of fized capital) .52 .66
’ Total other direct costs for urea 5.92 12.12
Fixed costs for urea and ammonia
Direct overhead <307 o+ labour: .87 1.54
. General overhead (657 2f labour) 1.42 2.5
Taxes, insurances (1.57% of +ixed capital) 3.36 7.6%
interest (S% of working =apital’ (.50 .88
Depreciation (10% of fixed capital) L2941 50.97
Total fixed costs for urea + ammonia I5.77 Hi. 66
Total net costs for urea + ammonia eS. 37 114,51
ROI (10%) : 29.1 S0.97
Ex factory costs 54.47 165,48




Estimated production cost for urea and
Feedstock: fuel o1l
Capacity: 130 tonsday ammania
49,5 Mton/year ammonlia
85.6 Mton/syear urea

341.3 Mton/syear nitrogen
Capital costs MMUSF
Fixed capital
Ammonia plant BL 2
Urea plant BL 1S
Total BL 47
Oftrsites 17
Total fixed capital o4
Working capital 1,68
Unit Quant. Price An
uss/u
Ammonia variable costs
Feed and fuel Scal/ton 7.8 12
El. power kWh/ton 900 0.04
Cooling water m>/ton 3550 0,02
BFW m3/ton 2 0.4
Total variable costs
Other direct costs
Labour manyear/y S0 20000
Maintenance(2% ot fixed capital)
Total other direct costs
Total of all above costs for ammonia
Variable costs for urea production
Ammoni a ton/ton 0.578 180G.5%9
coz2 ton/tan 0.755 2
HF steam ton/ton 0.92 20
El. power kWh/ton 150 0,04
Cooling water mZ/ton 70 .02
LP steam credit ton/ton O 2
Total variable costs for urea 1
Other direct costs for urea
Labour Manyear,y 45 20000
Maintenance (2% of tixzed capital)
Total other direct costs for urea
Fixed costs for urea and ammonia
Direct overhead (4u0% of labour)
Seneral overhead (&45% of [abour)
Taxes, insurances ‘1.3% of +i1ned capitai’
interast (3% of working capibtal)

Depreciation (lO% orf ti1ved capital)
Total fixed costs for urea + ammonia
Total net costs for urea + ammonia el

ROI (10%)
Ex factory costs
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Table 3.7.

ammonia
n.cost Unit cost
MMS USs/ton
4,637 3.6
1.78 36
0.54 il
0,03 0.8
6.99 141.4
.99 20.20
0.96 19.39
1.96 39.99
8.95 180.99
8.95 104.61
1.57 i8.4
0.51 b
.11 1.4
i3 O
1.16 170.41
0.89 10.51

.24 14.48
2.14 25
1.7k e.87
1.232 14.42
1.9& 11.21
.27 2.732
2o b Td.74&
2,39 109.28
265 264.5A9
o.4 74,76
?.05 Tr9.46




Table 3.8.
Estimated production cost for urea and ammonia
Feedstock: fuel oil
- Capacitys 150 ton/day ammonia
49,5 Mton/year ammonia

85.6 Mton/vear urea
41.3 Mton/year nitrogen

Capital costs MMUSS
Fixed capital
Ammonia plant BL 32
Urea plant BL 15
Total BL 47
Offsites 17
Total fixed capital &4
Working capital 4.48

Unit Quant. Price Ann.cost Unit cost

uss/u MMS$ uss/ton

Ammonia variable costs
Feed and tuel Gcal/ton 2.8 12 5.82 117.6
El. power LWh/ton Ly 0,04 O 0
fCooling water mZ/ton S50 0.02 .54 11
BFW m>/ton 2 0.4 a.0% 0.8
Total variable costs 6.4 129.4
Other direct costs
Labour manyear/y 50 20000 - 0.99 20,20
Maintenance{2’Z of fized capital) 0.96 19.39
Total other direct costs 1.96 39.99
Total of all above costs for ammonia 8.36 168.99

Variable costs for urea production

Ammoni a ton/ton = 0.578 168.99 8.36 97.67
DR ton/ton 0.795 O

HF steam ton/ton 0.92 20 1.57 18.4
Ei. power kbih/ton 150 0. 04 G.51 b
Cooling water m>/ton 70 0,02 0. 11 1.4
LP steam credit ton/ton O 12 O Q
Total variable costs for urea 10.56 123.47

Other direct costs for urea

i.abour manvyear/y 45 20000 0.89 15,51
Maintenance (2% of fixed capital) 1.24 14.48
: Total other direct costs for urea 2.14 25
Fixed costs for urea and ammonia
Direct overhead (310% of labour) V.76 8.87
. i3eneral overhead (55% of labour) 1.275 14.42
Tavese, insurances (1,%% of +ixed capital) U.96 11.21
[nterest (57 of wor«ing capital) $3.22 2.61
Depreciation (10% of fixed capital) b5.4 74.76
Total fixed costs for urea + ammonia .35 109.28
Total net costs for urea + ammonia 22,06 S7.7%
ROI (10%) 5.4 74.75
Ex factory costs 26,46 TE2.52




Table 3.9.
Estimated production cost for urea and ammonia
Feedstock: fuel oil
Capacity: 25C tonsdavy ammonila
§2.9 Mtorn/vear ammonia

142.7 Mton/vear urea
58.3 Mton/year nitrogen

Capital costs MMUSH

Fixed capital

ammonia plant BL 45

tirea plant 8L 23

Total BL 56

Offsites 26

Total fixed capital 92

Working capital 65.21

Unit Quant. Price Ann.cost Unit cost
uss/u MMS uss$/ton

Ammonia variable costs

Feed and tuel Gcal /ton 8.7 i2 8.61 104.4
- El. power EWh/ton 0 0.04 O 8]

Cooling water m3/ton 320 .02 G.52 6.4

BFW m=/ton 2 .4 Q.06 0.8

Total variable costs ?.2 111.6

Other direct costs

Labour manyear/y S0 20000 .99 12.12

Maintenance (2% of fixed capital) 1.29 15.63

Total other direct costs 2.29 27.75

Total of all above costs for ammonia 11.49 139.35

Variable costs for urea production

Ammoni a ton/ton 0.578 139.35 11.49 80.54

caoz2 ton/ton 0.755 O

HF =zteam ton/ton 0,92 20 2.56 18

El. power kuh/ton 140 0.04 0.79 3.6

Cooling water m3>/ton 70 0.02 0.19 1.4

LP steam credit ton/ton Y 12 G ]

Total variable costs for urea 15,06 105.54

Other direct costs for urea

iLabour MANYRAr/Yy 50 200000 .79 7

Maintenance (2% of +1:ed capitaly 1.78 12.47

Total other direct costs for urea 2.78 1=.43 -

Fixed costs for urea and ammonia

Direct overhead (310% o+ Labour) .8 5.6

fieneral overhead (437 of Labour) L.z Y. 11 .

Taxes, insurances= (1.5% or tived capital) L.28 vL&7

Interest (5% of working capital:s 0.31 217

Depreciation (10% of +ixerd capital? 7.2 4,47

Total fixed costs for urea + ammonia 12.63 33.3%

Total net costs for urea + ammonia 30.52 212.87

ROI (10%) 9.2 54,47

Ex factory costs T9.72 ey - S

&




Table 3.10.

Estimated production cost for urea and ammonia

Feedstock: fuel oil

Capacity: 1000 tonsday ammonia
IO Mton/vear ammonia
570.% Mtonsyear urea
275.6 Mton/year nitrogen

Capital costs MMUS#
Fixed =apital

Aammonia plant EL 160
Urea plant BL &8
Total BL 228
Offsites 135
Total fixed capital 363
Working capital 19.28

Unit Quant. Price

uss/u MMS
Ammonia variable costs
Feed and +tuel BScal/7ton B5.24 12 32.63
El. power kuwh/ton Q 0.04 O
Cooling water m>/ton 160 0.02 1.05
BFW m3/ton 2 o.4 D.26
Total variable costs 23.95
Other direct costs
Labour manyear/y S0 20000 0,99
Maintenance (2% of fixed capital) 4.8
Total other direct costs 5.8
Total of all above costs for ammonia 39.75
Variable costs for urea production
Ammoni a ton/ton 0,578 120.45 I9.74
Co2 ton/ton 0.755 0
HF steam ton/ton .84 20 .99
El. power Edih/ton 130 .04 2.96
Cooling water m>/ton 50 GO.02 0.68
LP steam credit ton/ton -0.5 12 -3.42
Total variable costs for urea 49.56
Other direct costs for urea
Labour MANYRAr /Yy 7 20000 L. 4
Maintenanca (2% of fized capital) 5.92
Total other direct costs for urea 7,52
Fizved costs for urea and ammonia
Direct overhead {(40% of {abour:? .95
Beneral overhead o3% of labouwry 1.96
Taxes., insurances '1.%% or tived capirtai) Hed4
inkerest (5% of working capital’ U, 95
Depreciation (10% of +i:zed capital) I4. 3
Total fixed costs for urea + ammonia S -
Total net costs for urea + ammonia totl. 15
ROI (10%) Th. D
‘Ex factory costs 1327.49

77

Ann.cost Unit cost

uss/ton

98.88
o)
3-2
0.8

102.88

3.03
14.54
17.57

120.45

£9.62

16.8

S.2

1.2
-5
86.82

2.45
M

10.726
12.82

1.68
.73
9.2
1.608
0l.58

77,53

177.17

53.%

240,76




Table 3.11.
Estimated production cost for urea and ammonia
Feedstock: coal
Capacitvs 150 tonsday AMmoni a
439.% Mton/vear ammonia

85.4 Mtor vear urea
41.3 Mtor/vear nitrogen

Capital costs MHMUS#
Fixed capital
Ammonia plant EL 45
Urea plant EL iS
Total BL &0
Offsites b
Total fixed capital 96
Working capital 5.35
Unit Quart. Price Ann.cost Unit cost
uss/u MMS Uss$/ton
Ammonia variable costs
Feed and fuel Gcal/ton 12 8 4.79 2?6
El. power kbin/ton 1100 Q.04 2.17 45
Cooling water mZ/ton BOO .0 G.79 16
BFW mi/ton Z.3 .4 0,06 1.4
Total variable costs 7.79 157.4

Other direct costs

Labour MonYear/y 75 20000 1.5 30030
Maintenance{2’Z of fixed capital) 1.86 I6.73
Total other direct costs I3 bb6. 66
Total of all above costs for ammonia 11.09 224,06

Variable costs for urea production

Ammoni 2 ton/ton 0.578 224,04 11.08 129.51
coz taon/ton i1, 7595 i

HF steam ton/ton 0,92 20 1.57 13.4
Ei. power Fuh/ton 150 v, 04 .51 &
Cooling water mi/ton 70 0,02 .11 i.4
LP steam credit ton/ton o 12 o] 0O
Total variable costs for urea 13,29 155. 71

Other direct costs for urea

Labour MAN QAN 7 45 LU O, 89 10,51
Maintenance (7% af fi1va2d capital) 1.5 17.32
Total other direct costs for urea e 26.03
Fixed costs for urea and ammonia
Direct overhead '3u% or labour) Q.75 11.21
GSeneral awverhead (53% of labour) l.%0 13,22
Tarez, itnsurances ' L.59% of fi1ved capitaly i.44 le.82
Intaerest (9% o+ worling capibal?l .27 Z.24
Depreciation 1U% ot tired capital) 7.6 1t2.14
Total fixed costs for urea + ammonia 17,34 123, 41
Total net coéts for urea + ammonia 29.25 I41.75
ROI (10%) ‘ - 112.14
Ex factory costs A3.85 4572.9
7¥3




Table 3.12.

Estimated production cost for urea and ammonia
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Feedstock: coal
Capacity: 120 ton/day ammoni a

49.5 Mton/syear ammonia

85.6 Mton/year urea

41.3 Mton/vear nitrogen
Capital costs MMUS$
Fixed capital
Aammonia plant BL 45
tirea plant BL 15
Total BL &0
dffsites 36
-Total fixed capital 6
Working capital S5.08

Unit Quant. Price Ann.cost Unit cost
uss/u MM uss/ton

Aammonia variable costs
Faed and +uel Gcal/ton 14 g 5.54 112
El. power Lih/ton a 0.04 Y 0O
Cooling water m3/ton 800 0. 02 .79 16
BFW m3/ton 3.3 .4 .06 1.4
Total variable costs 5.4 129.4
Other direct costs
Labour manyear/y 75 20000 1.5 Z0.30
Maintenance (2% of fixed capital) 1.8 36,36
Total other direct costs .3 &6. 66
Total of all above costs for ammonia 9.7 196.06
Variable costs for urea production
AmmMoNi a ton/ton 3.578 196.06 9.7 117,32
02 ton/ton 05.735 o
HF steam ton/ton 0.92 20 1.57 18.4
El. power kWh/ton 150 0.04 0.51 -
Cooling water mZ/ton 70 .02 .11 1.4
LP steam credit ton/ton G 12 O (9]
Total variable costs for urea 11.9 179
Other direct costs for urea
Labour manvyear/y 45 DOUIO0 J. B89 14.51
Maintenance (2% nof fixed capital) 1.5 17.52
Toval other direct costs for urea z.4 ol = W a4
Fived costs for urea and ammonia
Direct overhezd ‘407 or jabour) Ce95 -
Henerair overn: ASY. nf labour) 1.56 T
Tauee, 1NSUrAr. v1.5% o+ Fived capital) 1.44 1
inkarast (57 o coocbing cap. o ol e 25 -
Depraciation L 1 ed Dk i1z,
Total fixed costs ired e 17.%5s 128.41
fotal netv costs ¢ aa 4 Y| 27.85 S22%.5h
ROI (10%) P.b 12,14
Ex factory costs 7. 46 a7, v




Table 3.13.
Estimated production cost for urea and ammonia

Feedstock: coal

250 ton/day
82.5 Mton/vear
1342.7 Mton/syear
53.8 Mton/vear

ammoni a
ammont a
ur=2a

ni trogen

Capacity:

Capital costs MMUSE
Fixed capital
Ammonia piant BL =1
Urea plant BL 23
Total BL 83
Offsites =8
Total fixed capital 141
Working capital 6.5

Unit Quant. Price Ann.cost Unit cost

uss/u MMs$ uss/ton

Ammonia variable costs
Feed and fuel Gcal/ton 10.8 B8 7.1Z2 86.4
El. power kWh/ton O 0.4 O O
Cooling water m3/ton 345 0,02 G.56 6.9
BFW m=/ton gt 0.4 3.9 1.2
Total variable costs 7.79 4.5
Other direct costs
Labour manyear/y 75 20000 1.5 18.18
Maintenanc=2{2% of fixed capital) 2.4 29.09
Total other direct costs 3.9 47.27
Total of all above costs for ammonia 11.£9 141.77
Variable costs for urea production
AmmMON1 a ton/ton 0.578 141.77 11.6%9 81.94
co2 toin/ton 0.73S )
HP =team ton/ton G.92 20 2,54 18
£l. powver bbih/ton 140 0,04 . 5.6
Cooling water mZ/ton 70 e a. 1.4
LP steam credit ton/ton ) 12 O O
Total variable costs for urea 15.2 106.94
Other direct costs for urea
Labour MANY SAr /Y 53 pelSINTRIV] 1.1 V.7
Maintenance (2% of fized capital) 2012 14.35
Total other direct costs for urea .22 2T2.5¢
Fixed costs for urea and ammonia
Dirwect mvarnead 4% of lLabour) 1.04 7.28
Generai overhead (a3% of abowr) l.57 11.34
Tanse, tEurances i.5%% of fizeo capiral) Z.11 14,32
inksrast FY ad werking capirhald A Z.27
Cenrertation Lo% wr fiued captbal?d 4.1 R ]
Total ived costs for urea + ammonia 13,74 LI2 7o
Total net costs for urea + ammonia 37.472 2hi.iA
ROI (10%) 14, 93,
Ex factory costs S1.9% Sl




Table 3.14.

Estimated production cost for urea and ammonia

Feedstock: coal

Capacity: 1 GO0 ton/dayv
ITO Mton/vear
S570.9 Mton/year
275.4 Mtan/vear

ammonia
ammonia

urea

nitrogen

Capital costs MMUS#

Fixed =-apital

Ammonia plant BL 230

Urea plant BL &8

Total RBL 298

Offsites 2

Total fixed capital 4

Working capital . /3
Unit Quant. Price

uss/u

Ammonia variable costs

Feed and fuel 3cal/ton 13,3 8

El. power kWh/ton Q a,04

Cooling water mZ/ton 170G 0.02

BFW m>/ton = 0.4

Total variable costs

Other direct costs

Labour manyear.,y 100
Maintenance (27 of fixed capital)
Total ther direct costs

20000

Total of all abovc costs for ammonia

Variable costs for urea production

Ammonia ton/ton

co2 ton/ton 0,755
HP steam ton/ton 0.84
El. power kbh/ton 130
Cooling water m>/ton 60

LP steam credit tan/ton -3.5

Total variable costs for urea

Other direct costs for urea
Labour Manyear /v 70
Maintanance (24 of frued capital,
Total other direct costs for urea
Fixed ~osts for urea and ammonia
Direzt overnead (+7" of 1zabour)
General overhead (o3% of 1abour)

3.578 120.92

W)

20
0.04
0,02

12

20O

Taxes, insurances 1.3 of fired capital)

[nterast 3% of worbing Japitall
Depreciation (10% ot +r:ed capital)

Total fived costs for urza + ammonia

Total net costs for urea + ammonia

ROI (107
Ex fact. y costs

51

Ann.cost Unit cost

MMs

27.19
O
1.12
D.39

28.71

ot

.2
11.2
39.91

9.9

?.59
2.96
.68
-3.42

49.72

1.4

el

» ) s

B3.72

1.326

S oay

7.47
1,99
19,8
0,84
119.28

49.8
1692.08

uUss/ton

6.06
27.87
33.93

120.93

16.8
5.2
1.2

-6

87.1

1.45
12.62

17.27

2.8
.37
12,08
1.74
B7.27
105.56
2R .94

A7.23
296,17




4. MINI FERTILIZER PLANT EXPERIENCE IN DEVELOP1ING

COUNTRIES

There are few miniplants realised in developing

countrias, With the =2xception o+ two countries: China

and Mexico, only single plants were built in the last
+ifteen vears 1n some develaoping countries. These
minifertilizer plants realized in developing world
have a rather poaor record. In most cases obsolete
processes were used without modification and even the
impieamentation was chargad with severe burdens resulting
{rom inadequate engineering and/or construction work.
leading engineering and contracting companies did not
invest in the big =ngineering work needed tor a modern
miniplant process (as =2u:plained before) so realisations
whicn can s2rve as good erxampies are rather +ew. There
are however two developing countries where substantial

results were reqistered, China and Mexico.

4.1 China

Role and shape of miniplants

The ammaonia andustry 15 developing rapidly 1n

China, in 1734, amnonia production reached 19,4 miltion

toanne

w

. At present here are wmore thon 1,000 zmall-=cale

Tomaedium=scala ammonta plants in China

and  more than

Fu s

representing %7 W roezpectively 21 N of  the Etoral

T

produackinon. Aall znall scal2 plants and maost  or ()

medium =1x2 ol ints are based on coal +eedstock,
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Table 4.1.1 shows how ccal-based ammonia capacity
in China has developed since 1970, while Table 4.1.32
shows the raw material base of the whole oaf China's

ammonia capacity in 1934,

Table 4.1.1
Development of Ammonia Froduction in China

{(thousand tonnes)

Total Large scale Middle scale Small scale
1970 2445 - 1445 1000
197S 6077 - 2833 3544
1977 8704 1245 2379 4880
1779 13481 2706 3318 7257
1930 14975 27 36335 3194
1981 148873 359 T667 78G7
1982 154673 2448 I637 8379
198735 16771 3631 Z683 457
1784 18373 I928 919 LOS26




Table 4.1.2

ammonia Praduction 1in China trom Yarious

Raw Materials

(1964)
Raw material Ammonia production Fercentage of total
{thousand tonnes) production
Solid 12052 65,67
Anthracite 3821 $3,45
Coke 11468 6,39
Coke +* 79 5,33
Lignite 84 0,46
Liquid 2504 13,64
Fuel (crude) o1l 1100 b ,00
Naphtha 1404 7,64
Gaseous Z77S 20,54
Natural gas 2475 18,91
Coke oven gas 192 1,04
Refinery gQas 103 0,95
Other 42 3,275

Total 18373 100

+ Coke made by local methods
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Commercial coal gasification processes used in

China for ammonia production
Fixed-bed gasification at atmospheric pressure

This is the oldest process for ammonia, but it is
still popul ar in China because some of its
characteristic features are especially suited to China.

In particular:

It can operate on anthracite, which is abundant in

China.

Semi-water gas (crude gas for ammoni with a
calorific wvalue of 2,000-2,100 kcal/m3) can be produced
1in this process using air; there is no need +for an

axygen unit.

On account of the simplicity of the equipment and
the rconsequent low investment cost, it is feasible to
build wp a large number of =mall- and wmiddle-scale

ammonia plant using the process.

At present the teedstock anthracite consumption of
th2 most  advanced medium—scaie plants 1s  about 1,130
bg/t MHI: b bt

1 energy consumption (ruel and feed)

13 around 11,5 ¢ 1) koal it RHE.




Fluidized bed gasification

Ir the 1950s China imported two ammonia plants
incorporating fluidized-bed gasifiers similar to the
Winkler gasitier. The first piant was set up 1in Jilin
and the s:2zond in Lanshou. The gasifier, with a diameter

of 5,42 wm, has a capacity of more than 20,003 m3/h.

The plants bhave their advantages and their

disadvantages:

Advantages:
Cheap local lignite could be uced as feedstock.

They operated smoothly.

Disadvantages:
The investment cost was much higher than that of

the fixed-bed preocess for ammonia,

The ash has a high carbon content, and the carbon

conversion rate is thus low (only 55-65 %) .

With high ieedstock and utility consumption, the
averall energy consumption per tonne of ammonia

was vers tirgh.

ffter operation tor saveral vyears, the gasifierz were

retroflbted ko gasifv fuel a1l as feedstock in Jilin,




Fixed-bed pressure gasification

To make use of abundant and cheap local lignite
available 1in Yunnan Ffrovince, +our +ixed-bed pressure
gasifiers were instalied in a medium—scale ammonia planc
in Kaiyuan, Yunnan, 1in 1373, These qgasifiers were
similar to the original Lurgi: gasirfrier and had been
imported at the end of the 1330s. Each has a diameter of
2,6 m and a capacity ot apout 7,500 MmEi/h at a pressure

of 22-25 kg/cm?2.

Al though the plant has operated +or more than ten
years there are still some grablems. First, owing to the
lower ash melting temperature ot the lignite +teedstock,
the operating temperature in the gasifier has to be
contined to a low level, =0 the gas =ffciency is not
very high. Secondiy, high iev2ls of methane, tar and
other impurities in the gas necescsitate complicated gas
purification procedures in the plant, and the resulting
phenolic waste liquor and =zulphur-containing waste gases
have to be treated before discharage. Mow a project to
revamp the plant is under consideration. At the end of
the 1970s on  iwmported [,000-t,d  larga-scale ammonia
olant based on coal was buirlt in  Shanxi., Four Lurg:
Jasifiers «nth a diameter of 2.3 m were installed 1n 1 t.

The cownstream Jas proces=ing cha:n consists of sulphur-

resistant  =zhirk, Fenzbvr:ol  wasghimng, 1liguid nibtrogen

washing, mezthanation, aonmonza  svrithesizs and  other
5

sections. Tihe total anergy cmsumption 15 12,4 0 1O

keal 7t WHZ (design value=r, [£ will be on stream 1n 1937,




Table 4.1.7%

Commercial Coal Gasification Frocesses 1n Lz 1n
Ammonia FPlants in China

Fixed-bed rluidized Fixed-bed
Middle—-scaie Small-scale bed at pressure
Feedstock Anthracite Coal tignite Lignite
type 1ump briquet
Size {mm) 285-194 544 x I8 x 26 1-1G 10-40
Gasification Air/ Alr/ Oxigen/ O:xi1gen/
agent Steam Steam Steam Steam
Gasifier:
pressure
(kg/cmZ) atm. atm. atm. 22-25
diameter (mm) 2740 22640 S420 2800
capacity EunIC IGO0 20000 7500
(MNm3/h)

Gas composition (%}

Coz 8.5 11,5 26 26
Co 27.5 23 2 15
H2 a1 43 4z 34
CH4 1 1,5 2 10,5
N2 21,5 20,5 z 1.5
0z 0.5 5.5

Consumption:
Coal (kg/t MHI)

1150 * L2 AR TNTIENE 2 2 500 ##

Oxvygen (mZi, b MNiAG)

- - a2 S5
Total Energy
o )
consumptlon Ldas o 1w 16 35 1w
(kcal/t MNHZ)
*+ standard anthracite =» (Crude j1gmite




Coal gasification processes under demonstration or

devel cpment

Entrained-bed gasification process

Research work on an entrained-bed gasification
pracess started in the 1960s. @At the time, a pilot
gasifier (Y=0.6 m3! was installed in Shanghai and the
experiment to determine basic data on gasification of

pulverized coal was carried out.

Subsequently, as the next phase in the development
of the process a large pilot unit was installed 1in
Lintong, Shanxi, in 1930. The gasifier {V=4 m3) has two

burners and a capacity exceeding 1,800 m3/h.

The results of the erperiments obtained from the
pilot wunit showed that two types of <coal (long—f1ame
coal and gas coalj) could successfully be gasified 1n the
pilot wunit to produce high-guality crude gas sustable
for producing ammonia and few by-products. The burner
insulation materials and other equipment were shown to

be acceptable.

The daka and experience obtained 1n the pi1lot teet
wers used as 2 guide 1n design, enqineerinq and
production work., To date, Lwo entrained-bed qQasitication
i ks have heen built up as replancements for +1ed-o2d
ant ks in bwo separate small ammonia plants 10 Shangdong.
Savearal tea=thllikty =atudies on medium—-scale Aammonia

plants are under wav.
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Vortex bed gasification process

In 1965, a vortex bed pilot unmit for gasification
of pulverized ceoal was burlt i1n Guangxi and xperiments
started. By the and of 1?78 an industrial demonstrat:on
unit had been installed in a small ammonia plant 1n
Guangxi too. The gasifier is basically a column with a
diameter of 1,400 mm and a volume of 10,2 m3, Fitted
with two burners for pulverized coal/oxygen and two
steam injection nozzles. The upper portion of the
gasifier 1is the gasification reaction zone; the laower
portion contains a slag bath. it has a production
capacity of 3,300 m3/h {(crude gas), which can meet the
need of an B,000/t7a NHZ (small) ammonia plant. The
carbon conversion rate and slag removal are higher than

in the entrained-bed process, but the time of continuous

operation is sharter.

Pressure—gasification process for coal-water slurry

Since the 1960s 2 pressure-gasitication Dprocess
operating wn a coal-water slurr, has been under study.
This process 1< kNOw &s zecond generztion %t2chnolgy 1n
the worid. (M addition to the wide rangs of surtable
coal types, 1tz outstanding advantages are 1ts high
carpoan  conversion, high  aroduction rate and low gas

compression, as well 2% 1ts 1 ack mf pollution.

fn  promobke industrialization af this process, A2
benrh-scaie unit (20 kg/h coal at U karzemd) wasg

inskclled in Lintong, Shanri, in 1979, p to the end of

Py




1984, about a hundred runs had been made and various
technical data were obtained in the unit, which provided
the basis for further pilot unit design, engineering and

operation.

Now a pilot coal-water slurry gasification wunit
(1,5 t/h coal at 3G kg/cm2) has been built in the same
place. It consists of a wet grinder, slurry pump,
gasifier, waste heat boiler and other sections. There
are two grinding mills, one of which is a wet ball mill
lined with rubber and the other is a horizontal colloid
mill. The coal slurry concentration will be as high as
50-65 % and the carbon conversion rate will reach 99 %

in future experiments.

It is expected that the pressure gasification of
coal -water slurry will be widely appli. 7 the ammaonia

industry in the near future.




Table IV
Coal Gasification Froce=ses under
Demonstration or Deveiaopment 1n Chima

Coal —water slurry

Entrained Vortex B2nch Filot scale
ted bed scale {(desian wvalua)
Ffeedstock:
type long +1ame lignite long rlame long f1ame
coal coal coal
size 80 % pass &0 % pass coal-water slurryv
200 mesh 139 mesh 60-68 % &0 %
Gasifier:
volume (m3) 4 10,3
pressure atm. atm. 15-20 35
(kg/cn2)
production 18G0 mI/h 3300 m3/h 20 kg/h 1500 kg/h
coal coal

Gas composition (%)

coz2 15,8 16,7

cOo + H2 83 81,8 65 80
CH4 .1 D,1 D | Gt
oz “0,1 O,1 a,1 10,1
N2 i 1,3

Consumption

(per 1000 m3 CO + HD)
coal (kg) 730 ‘dry) 1880 =
oxigen (mZ) deln A0O0=440 450

Larbon conversion
rate (%) E S PS-99 F5-99

Cold gas etficirency (%)

oD

# Calorific value 5.542 kcal/kg




4,2 Mexico

The Mexican fertilizer i1ndustrv has besen grcwing
by increasing the ocutput of fertilizers until th2 end at
70°'s on the basis of erecting miniplants with the
exception of the building of a triple super phaosphate
plant of capacity 270,000 tpa, one urea plant of 247,500

tpa in 1971 and the other of simple super phosphate of

300,000 tpa in 1978,

At present the total installed plant capacity 1is
4,800,000 tons of fertilizer of which 30.3 % is produced
by miniplants and 49.5 % by maxiplants. On the other
rand through the ﬁrojects now under construction, the
total installed planrt capacity will 1increase to
6,960,000 tons wnich corresponds to 40 7 installed plant
capacity of miniplants and &0 % installed plant capacity
by maxiplants. Thus the emphasis is now on the
construction of maxiplants but it is important tc point
out that the strategy is not to displace all the
miniplants. Both types of plants complement one another
efficiently in meeting the 1ncreasing demand of
fertilizer productz and to optimice the us2 of raw

matarials.

The table gives zan cverview of the share of the
miniplants in Ehe fertilizer production capacity for
both cases: artual operating plantz (Table A) and taking

into account khe plants under construction too (Table

B).




PARTICIPATION OF THE MINIPLANTS IN THE INSTALLED
CAPACITY OF THE FERTILIZER INDUSTRY
(A) ACTUAL PLANTS
Total Share of Miniplants Maxiplants
FRGDUCT {Thousand Mt} Total (L) (47
{%4)
Armonium sulphate 1,5873.7 34.79 5%9.31 T0.H7
Urea 1,793.0 36.44 10.58 89.42
Ammonium nitrate 168.0 .49 100, 00 -
Single
superphosphate 482.5 10.03 37.82 62.18
Triple
superphosphate 190.0 3.95 100.00 -
DAP—NFK S43.5 11.30 100.00 -
Total 4,810.7 100.006 S50 .50 49.50

(B) ACTUAL FLANTS AND UNDER CONSTRUCTION

Total

PRODUCT (Thousand Mt}

Miniplants

{7

Maxiplants

(%)

Lo, OO

40,04

62.18

——————.—___—————-———.———--———————————...-————-—_———.—-—-—————.———_——-.——-.—.—_ —-

Ammonium sulphate 1,5673.7

rea Z.7845.0

Aammonium nitrate ThHg.

B1ngle

superphosphate 482.5

Triple

superphosphate Z40O 0

DAP-NFF. 1.357.5
Total 54 7m4. 7

24

0. 10




For the intermediate products, the installed plant
capacity stands at 3,740,000 tons per year composed by
the production of sulphuric, nitric and phosphoric acid,
ammonia and ammonium nitrate solution. The details are

given in table.

i
(k4




PARTICIPATION OF THE MINIPLANTS

CAPACITY OF INTERMEDIATE PRODUCTS

IN THE

OF THE FERTILIZER

INDUSTRY
{A) ACTUAL FLANTS
FRODUCT TOTAL TOTAL
{Miles de t.}? (7%}
Sulphuric acid 2,949.6 78.84
Phospharic acid 419.6 11.22
Nitric acid 1S55.90 4.14
Ammonium nitrate solution 195.0 5.21
Ammonia - 22.0 0.59
TOTAL 3,741.2 100.00
(B) ACTUAL PLANTS AND UNDER CONSTRUCTION
FRODUCTY TOTAL TOTAL
(Miles de t.) (%3
Sulphuric acid 4,205.6 72.33
Fhosphoric =zc14d 315.6 12.85
Mitric acid 70,0 6.97
Ammonium ni1trak2 zolubtion 410,10 .7
AMMON1 A 2240 0.7
TITAL S5.887.2 100,00
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plants utilize various technologies and
the projects. The

The

different contractors involved 1in
sulphate plants have used Chemics knowhow with

Guadalajara where

ammonium
the exception of a crystalliser 1in
Struther Well process is used. The plants are mini 1in
size and the contractor was Chemico.

For the last two plants of 200,000 tpa constructed
in the complex of Queretaro, where FERTIMEX did the
basic engineering for the project as the crganization is

its own knowhow of the

in developing

interested
needed and in this way to adapt processes

technologies
for the conditions of the country.

For che production of urea, technologies developed

many organizations are is being used Lonza Lummus,
and the

by
and Snamprogetti

Toyokoatsu, Stamicarbon
C%l Girdler, Foster Wheeler and

organizations built

contractors were Lummus,

first two

The
Snamprogetti

Snamprogetti.
Stamicarbon and

whilst the

niniplants,

processes are maxiplants.

The technnlogy and the contractor emploved for the
Friliing Canada

ammonium nikrate plants are as follows:
Fechinev Saint Gobain-Saint

Ltd.;
The processes used

Development-Girdler
3obain and 3tamicarhon-krebs et Cie.
for single superphosphate production were Sturtevant and

Superflosoket and ror triplse Duperphosphat2 Dorr-Gliver,

Saint Gobain ard TVA,

|7




Tha caontractors invaolved i1n these proiects were
Chemico, Fedane, Girdler Ltd., Saint Gobain and Gul+t
vesign. tLastly for UDAP-NFK, the licensors and the

contractors are as follows:

Corr Oliver—-Girdler Ltd., IMF, PEC-Girdler Ltd.,

TvA-Saint Gobain and TVR-Gul+f Design.




S. CONCLUSIGON

Miniplants for most intermediates and end products
of the fertilizer industry are available from reliable
contractors with proven technologiés. The processes used
do not differ basically from those used for the big
plants. Specific investment costs and operating costs
are higher in the case of miniplants, but they can be
nevertheless advantageous for the developing countries.
Shorter implementation time, higher reliabilty, better
utilisation, easier maintenance and less problems are
the main advantages. The landed price at the farm gate
in many cases will be not only competitive, but lower,
than from the big plants, since in many developing
countries transport costs and losses can add Z0-100 % to
the factory gate price, while the difterence 1in the

production cost is usually not more than 20-350 Z%Z.

ammonia is & special case. The most recent
developments introduced in the big plants need a scale

down with correspording simplifications and changes 1n

the <*iowsheet and =zquipment design to render them
applicable to khe wminiplant concept., DNo research or
pilot plant 2upariments are necessary, but a

considerable amount of engineering work must be spent on
the design. Mo new Tlowsheet or process will result,
puk a2 simplifizd wnd more transparent plant wusing Ethe

same procesz zteps and eqquipment. The engineering work
I




will however r2present a reiatively higbh financiral
burden, which zannot be charged o the first
implementation without atrecting severily its
viability., ouit shouid b2 distributzd anong saeveral new

plants to be realised.

Lo






